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1.1 Motivation

Rapid industrialisation and the exponential increase in the world population has led to
ever more rapid climate change, loss of biodiversity and other natural resource depletion
[1]. IPCC predictions from 2018 show an increase of up to 4°C by the end of this century
if no actions are taken to curb global greenhouse gas emissions [2]. Although immediate
and drastic actions aimed to reduce CO2 emissions can still limit the global temperature
rise within 1.5°C by 2100, already to date an increase of 1.3°C is measured. It is predicted
that if the global temperature increase will rise above 2°C it will lead to irreversible damage
to the global eco-system. However, more and more solutions to diminish the effects of
climate change are being implemented at a large scale: e.g. wind and solar [3], and the
price of renewable energy is decreasing rapidly, becoming competitive with, or even
cheaper than, fossil based energy [4].

Electrification of residential heating is being used to reduce the carbon dioxide emissions
of households in the developed world [5]. Heat pumps use the refrigeration cycle, also
employed by fridges and air-conditioning systems, to actively move heat from the
environment into the house, these systems can have energy efficiencies of more than 500%
[6]. The demand for both fuel oil as well as natural gas for heating will hence significantly
decrease in the coming decades. Similar trends in electrification are expected to happen in
the chemical industry [7, 8]. Per example, electric heating is also being investigated for
large-scale processes, such as steam methane reforming [8], to alleviate the need for gas-
burners to account for reactant heating and reaction endothermicity. Electrolysis has been
a large-scale chemical process for decades, mainly being used for the synthesis of caustic
soda and chlorine [9]. Recent years have seen a rapid increase of electrolysis for
sustainable hydrogen production [10]. Large scale green hydrogen production using poly-
electrolyte membrane (PEM) electrolysers can already compete with the price of methane
steam reforming under the right conditions, although massive scale-up is still missing
[11]. On top of this, significant research is being invested into electro-chemical synthesis.
This research focuses on either traditional electrolytic synthesis [9], or via activation of
molecules, using plasma [12] or an electric field [13] to drive up-hill reactions or to lower

required reaction temperatures in the activation of stable molecules.

All these trends indicate that a decrease in the demand for natural gas as source for heating
and power generation is eminent. Due to the still vast global availability of natural gas, it

will be a readily available resource for chemical synthesis [3].

Predictions indicate that the annual production of crude oil will start decreasing around
the middle of the 21t century [14, 15], due to the depletion of easily accessible oil as well

as the increased cost of exploiting remote oil wells. The largest product fraction from
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refined oil is fuels [16], such as gasoline, diesel, jet-fuel and fuel-oil. The demand for
transportation fuels will likely remain high at least for the coming decades, although new
technologies, such as electric cars and trucks [17], as well as ammonia powered freight
ships [18] will likely curb this demand.

Global warming is predominantly driven by the increase in total world population, which
is predicted to surpass 10 billion in the 2050s [19]. This increase, combined with the
increase in living standards in developing countries, such as China and India, will put a
huge demand on not only food production, but also on commodity chemicals and their
products. A significant fraction of commodity products is chemically synthesized using
base-chemicals such as ethylene, propylene and aromatics, like alkyl-benzenes, as
feedstock [20]. It is thus predicted that the demand for both olefins and aromatics will
significantly increase over the coming century. Traditionally, these base-chemicals are
obtained as a by-product from crude oil refining, accounting for up to 15% of the product
yield [16]. This yield can, however, be substantially increased by cracking higher
hydrocarbons. As discussed in the previous paragraph, crude oil will likely become more
scarce, and hence expensive, hindering the future supply of olefins and aromatics needed

for chemical synthesis.
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1.2 Industrial application of natural gas for chemical
synthesis

Natural gas is widely seen as a potent source for the synthesis of these base chemicals [21],
due to the large proven reserves, low price [3] and predicted decrease in use as fuel as
discussed above. Natural gas is already used on large scale for chemical synthesis, mainly
as hydrogen precursor for the Haber-Bosch process to synthesize ammonia [22]. Synthesis
of aliphatic hydrocarbons from methane is achieved on large industrial scale in so-called
gas-to-liquid processes [23]. These processes start with steam-reforming of natural gas
over a nickel catalyst to synthesis gas, a mix of hydrogen and carbon monoxide, followed
by, either Fischer-Tropsch synthesis to obtain a paraffin-wax mixture [23], which in turn
can be cracked, or by methanol synthesis, which can be followed methanol to olefins
(MTO) [24] or methanol to gasoline (MTG) [25].

Fischer-Tropsch (FT) is a process developed in Germany during the 22d world war to
convert various carbonaceous feedstocks, such as coal and biomass into fuels and
lubricants [23]. It was further developed in South-Africa in the 1990s due to bans on oil-
imports as consequence of the internationally unpopular apartheid policy [26]. Currently,
the biggest chemical plant based around the FT process is the Pearl plant operated by Shell
in Qatar, converting 4.5-107 Nm? natural gas per day (Figure 1.1) [27].

Figure 1.1: A photo of the Shell Pearl plant in Qatar [27].
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The methanol to olefins (MTO) process dehydrates methanol to light olefins, such as
ethylene and propylene over a zeolite catalyst [24]. The process is already industrialized
by companies such as DICP and UOP [28], with many other companies having process
designs on the concept. The benefits of MTO over FT are a narrower product distribution,
higher value products and no need for a cracking operation.

All these processes for converting natural gas into higher hydrocarbons have the
substantial drawback of requiring many process steps at different conditions, making the
processes both energy intensive and only viable at large installed capacities [29]. Direct
conversion of methane into olefins and/or aromatics has the potential to be economically
viable at much smaller capacities.

2012 Qil and Gas Methane Emissions

JyMaasakkers of al, 2016
- .
8 10

Methane emissions (Mg a™ km?)
Includes emissions from: Natural Gas Systems and Petroleum Systems.

Figure 1.2: Methane venting in the united states in 2012 [30].

Especially the small plant size would be highly interesting for on-site upgrading of natural
gas in smaller offshore gas-fields, for example around Australia, or more importantly for
onsite-upgrading of the co-extracted natural gas at remote oilfields. Significant amounts
of natural gas are currently flared or vented in the United States (Figure 1.2), Russia and
Arabia, because transportation via either pipeline or in cryogenic tankers is deemed too
expensive. Figure 1.3 shows an overlay between a normal an infrared-heatmap satellite
photo of the world, clearly showing excessive flaring. Flaring of natural gas results in 295
Megaton CO2 emitted per year according to a 2019 World Bank estimate [31], accounting
for 0.8% of the total global CO2 emissions [32]. This clearly shows the shocking level of
natural gas flaring occurring across the planet.
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Gas flaring across the Worid

Figure 1.3: Heatmap showing natural gas-flares across the earth using an infrared satellite
[33].

1.3 Biogas and COz2 valorization

Fossil sources of hydrocarbons will most likely play a major role in the world energy mix
for the decades to come [15], but for the long-term future more renewable sources are
predicted to contribute majorly to bulk-chemical synthesis [34]. Biogas is a mix of mainly
methane and carbon dioxide derived from the anaerobic digestion of biomass [35]. Low-
value agricultural residues can be used as source for biogas, without competing with food-
production or requiring the destruction of nature reserves, in contrast with other bio-fuels
such as bio-ethanol [36, 37], or palm-oil derived fuels [38]. CO2 can be converted into
methane following the Sabatier reaction [39]. CO2 methanation, following direct air
capture, can be a negative emission [40] process for methane synthesis, provided that the
hydrogen for the reaction is produced renewably. These sources of sustainably produced
methane can be utilized in the synthesis of base-chemicals in the same fashion as fossil

based natural gas.
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1.4 Background information on natural gas and

methane

Natural gas is a mixture of light hydrocarbons, mainly methane, traditionally defined as
the gaseous by-product of oil extraction [41]. Sulphur compounds, as well as water and
CO2 are generally present as contaminants in natural gas and need to be removed before
the gas can be used. The exact composition of natural gas depends heavily on the well it
derives from. A typical composition of natural gas can be found in Table 1.1. Higher
hydrocarbons can be removed from the natural gas depending on their concentration and
their value as intermediate chemical, these recoveries are generally handled by cryogenic
distillation [41].

Table 1.1: typical composition of natural gas [41].
Hydrocarbon Vol% Non-hydrocarbon Vol%

compound compound

Methane 75-99 Nitrogen 0-15
Ethane 1-15 Carbon dioxide 0-30
Propane 1-10 Hydrogen sulfide 0-30
n-Butane 0-2 Helium 0-5
Isobutane 0-1

n-Pentane 0-1

Isopentane 0-1

Hexane 0-1

Heptane and 0-0.1

higher

Methane (CH4) is the smallest and simplest hydrocarbon, its four equal C-H bonds and
regular tetrahedral structure make is the most stable form of reduced carbon under
atmospheric conditions [42, 43]. Direct conversion of methane to higher hydrocarbons is
very difficult due to its high stability compared to any other hydrocarbon. Methane
remains thermodynamically stable up to 400°C [44], after which it decomposes into
carbon and hydrogen, full methane conversion occurs at temperatures in excess of 950°C
as shown in Figure 1.4: the thermodynamic equilibrium between methane and coke +

hydrogen as function of temperature [11].
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Figure 1.4: the thermodynamic equilibrium between methane and coke + hydrogen as

function of temperature, at atmospheric pressure [42].

The main focus of this dissertation is on coupling methane to lower olefins and aromatics,
although methane decomposition to hydrogen and carbon can be used as a method for
generating clean hydrogen [42]. The thermodynamic equilibrium between methane and
its main coupling products can be found in Figure 1.5. Significant methane conversion
(>20%) to higher hydrocarbons is only possible at temperatures over 800°C. The increase
in required temperature to form higher hydrocarbons compared to coke is due to the lower
stability of these hydrocarbons, meaning that methane will stay the most stable form of
carbon in this theoretical system for higher temperatures. Note that benzene and
naphthalene are the thermodynamically most stable products between 600-1200°C, as
apparent from Figure 1.5b, due to their delocalized pi structure. Acetylene become most
stable above 1200°C due to entropic effects. Hydrogen will always be the volumetrically
most significant product (Figure 1.5a), due to the stoichiometric of product formation as
shown in Table 1.2.
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Figure 1.5: (a) Thermodynamic equilibrium concentration of methane decomposition, as
function of temperature, at atmospheric pressure, excluding any solid formation (coke)
only showing the main products (b) equilibrium methane conversion and carbon based
product selectivity based on the thermodynamic data in a. Thermodynamic data is adapted
from [43].

A direct route from methane to hydrocarbons is both scientifically as well as technically
challenging due the thermodynamic stability of methane and coke compared to any
desired hydrocarbon products, as well as the high endothermicity of the coupling
reactions, shown in Table 1.2. This, however, has not prevented researchers from trying to
find ways to overcome these difficulties. The results of this research will be summarized in

the following section.

Table 1.2: Standard (1 atm, 25°C) enthalpy change of the three considered reactions,
normalized per carbon atom [44].
Reaction STD enthalpy change (KJ/mol C)
2CH, = C,H, + 2H, | 101.1
6CH, = C¢Hg +9H, | 88.1
10CH, = C1oHg + 16H, | 89.2
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1.5 Direct conversion of methane to higher
hydrocarbons

Research into direct catalytic conversion of methane to higher hydrocarbons can be
divided into three main categories, namely:
1. Methane dehydroaromatization [45]

2. Oxidative coupling of methane [46]
3. Catalytic non-oxidative coupling of methane [47]

Methane dehydroaromatization is a method for direct formation of aromatics, namely
benzene from methane. It uses a highly active metal such as molybdenum in combination

with a shape selective support such as a ZSM-5 to obtain a high aromatics selectivity.

Oxidative coupling of methane circumvents the thermodynamic limitation shown in
Figure 1.5 by using an oxidant, oxygen or sulphur, to oxidize the formed hydrogen. This

allows for significant methane conversion at lower temperatures (<750°C).

Catalytic non-oxidative coupling of methane uses a catalyst to activate methane at a higher
temperature, without the steric effect used in methane dehydroaromatization. The product
range is generally a mix of various olefins and aromatic species. Many of these systems

operate via a free-radical gas phase reaction, but not exclusively.

1.5.1 Methane dehydroaromatization

In methane dehydroaromatization (MDA), first described by Wang et al. [48] in 1993,
methane is activated and reacts to ethylene over a metal active site. Molybdenum is found
to be one of the most active metals although other metal such as nickel, zine, gallium and
iron are also used. The formed ethylene will oligomerize over the Bronsted acid sites of the
zeolite to form aromatic rings [45]. ZSM-5 is the most widely used and most effective
zeolite in MDA due its pore size of 5.4—5.6A [49], which is slightly bigger than the diameter
of a benzene ring at 5A [50]. The straight pores will thus steer the formation of poly
aromatics towards linear acenes. These acenes are thermodynamically unstable and will
dissociate to benzene and naphthalene. M CM-22 is also used as zeolite support, having a
pore size of ~7.1A [51], although methane conversion activity is comparable to ZSM-5, the
benzene selectivity is generally significantly lower. Metal loading as well as the deposition
and pre-treatment method have great influence on the activity of the MDA catalyst and is
still not completely understood. It is generally accepted that a metal loading of ~6% Mo is
ideal for high activity in methane conversion as well as high benzene selectivity [45]. The
MDA reaction is generally carried out at temperatures between 700-800°C, benchmark

figures for performance are around 16% single pass methane conversion and 70%

10
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aromatics selectivity. MDA catalysts suffer from rapid deactivation due to coke formation,
leading to complete loss of activity over a time span of a few hours, although most activity
can be regained by oxidatively removing the formed coke. Operating at elevated pressures
can significantly reduce coke formation due to the higher partial pressure of hydrogen,

while simultaneously increasing the methane conversion rate.

1.5.2 Oxidative coupling of methane

Oxidative coupling of methane (OCM) reacts methane over a mixed metal oxide to olefins,
first described by Keller et al. [52] in 1982. The oxidant, generally oxygen, is used to lower
both the enthalpy and in turn the Gibbs free energy of the reaction to make it possible at
lower temperatures, i.e. 750-900°C [46]. Ideally the oxidant will only oxidize the formed
hydrogen, thus maximizing the olefin yield, although overoxidation of hydrocarbons to
COx is the most pressing drawback in OCM. Mixed metal oxides used in OCM have
encompassed a very wide range of transition and alkali metals. MgO is a commonly used
as basis for the catalyst formulation [46]. The catalyst activates methane to form either
surface CHs species or CHs- radicals, which will combine to form ethane. The ethane will
oxidatively dehydrogenate to form ethylene. The difficulty stems from tuning both catalyst
as well as reaction condition in such a way to achieve high methane conversion while
minimizing ethylene over oxidation. The best performance in a fixed bed operation was
reported using a Fluorite-Structured Samarium-Yttrium—Bismuth Oxide catalyst [53],
reporting 62% C2 selectivity at 45% CHa4 conversion. Performance in OCM can be enhanced

by using a membrane operation or by operating in a chemical-looping configuration [46].

1.5.3 Catalytic non-oxidative coupling of methane

Catalytic non-oxidative coupling of methane (CNOCM or NOCM) is a umbrella term for
any non-oxidative method for coupling methane to higher hydrocarbons [47], that does
not fit the definition of MDA. It can be argued that MDA is a part of NOCM, although they
are treated as two separate categories in this dissertation. The CNOCM field is relatively
new, it was sparked by the publication from Guo et al. [54] in 2014. They reported on an
atomically dispersed Fe/SiO2 catalyst capable of activating methane to methyl radicals at
temperatures over 950°C. CH4 conversion up to 48% at 1090°C was reported, with
ethylene, benzene and naphthalene as only reported products, and crucially no coke
formation was reported, as shown in Figure 1.6. The catalyst showed stable performance
over a period of 60 h. The higher activity as well as the absence of any by-product formation
was far beyond any performance reported on any other system for direct conversion of

methane to higher hydrocarbons.

11
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Figure 1.6: the performance reported for the Fe/SiO2 catalyst from Guo et al. [54],

reprinted with permission from AAAS.

The Fe/SiO2 catalyst requires activation at lower temperatures to become active [55],
during which the FeSiOz site is carburized to FeC2Si. DFT calculations [54, 56] show that
the atomically dispersed iron site will chemisorb a methane molecule, after which it is
selectively dehydrogenated to a methyl radical which will desorb from the surface, the
hydrogen atom will stay chemisorbed on the carbon atom, until two hydrogen atoms can
desorb as a di-hydrogen molecule. The methyl radicals will undergo a free-radical coupling
reaction in the gas phase to form the reported mixture of higher hydrocarbons, more
details on this reaction will be given later in this chapter. Han et al. [57] undertook a
thorough investigation into the characteristics of this Fe/SiO2 catalyst. They varied the
crystal structure of the silica as well as the deposition method of iron. Their results showed
that high methane conversion rates can already be achieved with bare silica, but the
disperse nature of the iron is required for a high selectivity to methyl radical formation, as
opposed to coke. Furthermore, the cristobalite phase of silica proved necessary to prevent
excessive coke deposition on the catalyst surface. Similar observations were made by Sot
et al. [58], who claim that the iron sites are required to suppress surface reactivity and in
turn suppress carbon formation. Sakbodin et al. [59] demonstrated that methane
conversion can be increased by in situ hydrogen removal, in essence shifting the reaction
equilibrium to the product side (Table 1.2) Oh et al. [60] showed an increase in
productivity when using a coated-wall reactor. They attributed this to improved heat
transfer to the catalyst, which in turn can more easily overcome the significant

endothermic energy barrier for methane dehydrogenation. It is to be noted that none of
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these works based on the catalyst described by Guo et al. [54] reproduced the high
conversion and complete prevention of coke formation from the original publication.
Details concerning the performance reported in these papers [54, 56-60] can be found in
Table 1.3.

Various other catalysts have also been reported for the CNOCM reaction [61-68]. Gerceker
etal. [65] reported that a bimetallic Pt-Sn catalyst can couple methane to ethylene at a rate
comparable to that of Mo/ZSM-5. They furthermore showed that using an acidic support
such as ZSM-5 can steer the selectivity from ethylene to aromatics. Nishikawa et al. [61]
demonstrated a In/SiO2 catalyst which couples methane to ethane at 850°C, the ethane
converts in the gas phase to form a mixture of Cz2+ hydrocarbons. Okolie et al. [66] showed
that a Ni/CeZiO4 can convert methane at temperatures between 350-500°C to a range of
hydrocarbons. The nickel particle size determines the formed products, with smaller
particles mainly forming ethane, medium particles forming aromatics and larger particles
leading to coke formation. The medium sized particles deactivate rapidly, decreasing
methane conversion and leading to 100% ethane selectivity after 30h. Chen et al. [62] used
a Pb/Albite and Fe/Albite to couple methane to a mixture of C2 compounds, albite is
naturally occurring zeolite. It was found that the Pb active site could prevent coke
formation, whereas the Fe active site did show coking behaviour. This was attributed to
the higher dispersion of Pb on the albite, which they could not achieve with Fe. A GaN
catalyst was found to act as a MDA catalyst [67], converting methane to benzene. High
rates of deactivation were shown, leading to complete deactivation after 8h on stream.
Sheng et al. [68] showed that the Mo/ZSM-5 catalyst used in MDA produces exclusively
ethylene when the Bronsted acid sites are neutralized by boron doping. Xiao et al. [63]
showed that a Pt-Bi bimetallic catalyst can achieve both high methane conversion levels
(5.5%) as well as low coking when the two metals are brought together in a Pt:Bi ratio of
0.8:1. A lower amount of Pt will results in excessive coking, whereas a higher amount of Pt
will significantly reduce methane conversion. Atomically disperse platina on ceria was
found to be highly active in methane conversion as well as coke resistant [64]. It achieves
a C2 combined selectivity of 75% at 15% CHa4 conversion, although measurements were
performed in highly diluted systems (1% CHa/N2). The key performance figures of these

papers have also been summarized in Table 1.3.
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1.5.4 Alternative methods for methane activation

Alternative high-energy methods have also been proposed and investigated to overcome
the thermodynamic stability of methane. The most widely researched alternative
activation method involves non-thermal plasmas. A plasma is generated by applying a
strong electric field over a volume of gas, which causes part of the gas to form ions and
radicals [12]. These activated species can cause significant methane conversion at low,
even ambient, temperatures [69, 70]. The main products of this reaction are acetylene [69]
and polymer-like long chain hydrocarbons. The selectivity can however be steered to
ethylene and short saturated hydrocarbons by using an in situ hydrogenation catalyst [71,
72]. Another, more novel method for methane conversion uses pulse-compression to
significantly increase both pressure and temperature in the reactor to activate methane
[73]. Rapid release of the pressure will also rapidly decrease the temperature, thus

quenching the reaction and limiting carbon formation.
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Table 1.3: Overview of the catalytic NOCM systems reported in literature
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1.6 Methane pyrolysis

It is important to have a good understanding of the free radical gas-phase coupling
mechanism of methane, due to the importance of gas-phase chemistry in the catalytic
systems discussed above, especially in the case of the Fe/SiO2 catalyst [54] studied in this
thesis. High temperature gas phase conversion of methane has been a widely researched
topic since the beginning of the 20t century [75, 76]. This process is generally referred to
as methane pyrolysis, although (non-catalytic) non-oxidative coupling of methane
(NOCM) is also used. Older literature on methane pyrolysis has been expertly summarized
by the reviews of Khan [77] in 1970 and Arutyunov et al. [75] in 1991. In 1916 Slater [76]
investigated the effect of different types of surfaces on methane dissociation rate at 910°C.
It was found that silica and magnesia were inert, whereas most metals like iron and copper,
as well as charcoal, graphite and carborundum (SiC) were highly active in dissociating
methane. Van der Zwet [78] later added to this, by showing a linear relationship between
methane conversion rate and the logarithm of the surface area in the reactor. He also
showed that an increase in surface area leads to a significant increase in selectivity towards
coke and tars. Lieberman et al. [79] reported on the effect of gas flowrate in isothermal
methane pyrolysis, demonstrating very limited methane conversion at high flowrates,
followed by a sharp increase in methane conversion upon lowering the gas flowrate, until
full methane conversion was observed. They showed invariance in the production rate for
ethylene, acetylene and benzene over the measured flowrate range, whereas Cs4
hydrocarbons are only observed in a narrow flow-rate range. In 1967 Palmer et al. [80]
started the work on uncovering the gas-phase free radical mechanism involved in methane
pyrolysis, continued in the 70s and 80s by Chen [81, 82], Roscoe [83] and Dean [84],
mainly focussing on methane activation, formation of C2 hydrocarbons and the subsequent
coupling of C2 hydrocarbons. In their works they discuss concepts such as the methane
autocatalytic cycle, in which the products of methane coupling activate more methane in a
positive feedback loop. In the 90s Anders Holmen [44, 85-87], Ola Olsvik [44, 85-88],
Francis Billaud [43, 89-92] and Christophe Guéret [43, 89, 91, 92] continued this work,
leading to many publication on methane pyrolysis, both experimental as well using
computer simulations. These works will be discussed in more detail in the relevant

chapters of this thesis, mainly chapter 5, but also chapters 2-4.
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1.7 Scope and outline

This thesis deals with the effects of reactor design and process conditions on non-oxidative
coupling of methane using the Fe/SiO2 catalyst developed by Guo et al. [54]. It provided
substantial insights into the complex free radical chemistry involved in the gas-phase

coupling reaction in tandem with catalytic methane activation.

In Chapter 2 the effect of the temperature profile surrounding the catalyst bed is
investigated. Temperature and gas-phase residence time up-stream and down-stream of
the catalyst were systematically varied, giving clear trends related to their influence on the
performance of the system, both in terms of methane conversion as well as coke deposit
formation.

Chapter 3 shows the influence of both ethane as well as ethylene addition on the
performance of the system. Both C2 hydrocarbons are potent free-radical initiators and
can in turn activate methane, boosting the overall methane and hydrocarbon conversion
rates.

The effect of hydrogen addition on deposit formation has been investigated in Chapter 4.
Hydrogen is a product in all dehydrogenative coupling steps in the free-radical
mechanism. Hydrogen can slow down these reactions, because these are equilibrium
based. It is investigated to what extend hydrogen retards the reaction rate towards deposit
formation, compared to retarding the reaction rate towards hydrocarbon product
formation.

A detailed kinetic model is presented in Chapter 5, which gives fundamental insights into
the qualitative observations presented in the previous 3 chapters. Optimization strategies
are proposed with respect to initiating and propagating the free radical coupling reaction.

Chapter 6 gives a detailed process design for catalytic coupling of methane. It highlights
the scientific as well as engineering challenges involved in a potential industrial process.
In this way it highlights the opportunities for research, not only involving the coupling

reaction, but also for the required separations as well as product upgrading.

Chapter 7 details alternative synthesis methods for both the original Fe©SiO2 catalyst
based on grafting of Fe-organic complexes, as well as the synthesis of a Ru/SiO2 catalyst

to evaluate the effect of a different active metal on the catalyst.

Chapter 8 summarizes the previous chapters. It also provides an outlook on the future of
non-oxidative coupling of methane, proposing various avenues for continued research into
this topic.
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Abstract

The effect of the axial temperature profile upstream and downstream of catalyst bed on
the performance of Non-Oxidative-Coupling-of-Methane (NOCM) over Fe©SiO2 was
determined. A three-zone oven was used with independent temperature control of the
catalyst-zone as well as the zones upstream and downstream. It was found that catalytic
initiation followed by residence time at 1000°C downstream the catalyst bed increases CH4
conversion by a factor of 8, while decreasing carbonaceous deposit selectivity from 40 to
12 C%. Residence time at 1000°C upstream of the catalyst bed causes deposit formation
on the catalyst without significantly influencing methane conversion. A shallow catalyst
bed followed significant residence time at high temperature maximizes methane
conversion and minimizes coking. This work shows that axial temperature profile and
residence time upstream and downstream of the catalyst bed strongly influence the
performance in catalytic NOCM.
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2.1 Main text

Methane [1] is one of the most abundant hydrocarbons on the planet [2, 3] and is seen as
a high potential intermediate in the transition towards renewable sources of chemicals [4].
Currently, methane is mainly used in domestic and industrial heating as well as electricity
production [5]. The vast majority of industrial processes for converting natural gas into
base chemicals and liquid fuels is based on reforming [5] followed by various syngas-based
synthesis routes [6-10]. The multiple steps in these processes cause low energy efficiency
and high investment costs [10, 11].

Thus, direct methane coupling has received a lot of attention both in industry as well as
academia [4, 12-18]. The challenge is caused by the high stability of methane, its negligible
electron affinity and low polarizability [19, 20], compared to the coupling products. Both
Methane dehydroaromatization (MDA) [12, 13, 15, 17, 18] as well as oxidative coupling
of methane (OCM) [14, 21-23] suffer from too low product yields to be industrially viable.
Catalytic NOCM [3, 24-32] has recently gained much interest, achieving higher product
yield and co-producing valuable hydrogen. The NOCM reaction requires operation
temperatures above 900°C, to achieve significant conversion [19] usually resulting in

significant coke formation.

In 2014 Guo et al. [3] reported coupling of methane to olefins and aromatics over an iron
on silica catalyst (Fe©SiOz2) at temperatures in excess of 950°C, without coke formation.
The maximum reported combined product yield was 48% at 1090°C. Other research
groups also report low coking rates but have not yet been able to reproduce the
performance reported by Guo et al. [24-26, 32, 33]. An overview of literature data on
catalytic non-oxidative methane coupling is presented in S1. Despite the fact that many
laboratories initiated work on the subject, the number of peer reviewed papers is rather
limited, likely because it is not easy to prevent extensive coking. We will show in this study

that the design of the lab reactor and the oven is essential for achieving this.

Methane is thermodynamically unstable at temperatures above 650°C [19, 34-37], which
is confirmed by the blank experiments in several studies [3, 25, 26], showing significant
methane conversion. DFT calculations [3, 32] suggest that the Fe©SiO2 catalyst is
involved exclusively in methane activation to methyl radicals and hydrogen, which are
released to the gas phase. All further coupling reactions to olefins and aromatics are
governed by gas phase free-radical propagation and termination reactions [3, 32].
Especially the recent patent [33] issued by SABIC supports this, showing that reactions in
the gas phase downstream the catalyst bed influence conversion and product distribution
significantly. It is remarkable that detailed information on reactor design, oven design,

dimensions and temperature profile around the catalyst bed are generally not available [3,
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24,25, 27,29, 31, 33]. This study demonstrates that axial temperature profiles, controlled
with an oven designed for this purpose, influence not only conversion and product

distribution, but also the formation of carbonaceous deposits significantly.

A custom-built oven was used to control the temperature profile in the reactor-zone, as
well as the zones upstream and downstream of the catalyst bed (Figure 2.1). The
temperature in each of the three zones is controlled independently up to 1100°C. Sharp
temperature gradients were achieved by using close fitting thermal insulation between the
zones. Residence time at high temperature upstream, inside and downstream of the
catalyst bed were systematically changed by varying the amount of catalyst, the position of
the catalyst bed inside the 6 cm reactor-zone as well as the temperatures of the pre-heater
and the post-heater. Note that no catalyst bed diluent is used, due to the activity of bed

diluent materials for methane activation at temperatures higher than 900°C [35].
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Figure 2.1: a) temperature profile inside the reactor including pre- and post-heater
measured with an empty reactor tube b) zoom in on Figure 2.1a around the reactor-zone;
gas-flow rates of 10 ml'min! N»; Vertical bars represent the insulating layers between the
3 different zones. === Pre- and post-heater at 400°C; reactor-zone at 1000°C; — & =
Post-heater at 1000°C.
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The terms “t@upHT” and “t@downHT” refer respectively to residence time in free-
volume at 1000°C upstream of downstream of the catalyst bed. All residence times are
calculated based on the volume of the relevant part of the reactor and the flowrate at STP.
Details concerning the experimental setup and the equations applied to calculate
conversion and selectivity to several products can be found in S4 and S5, respectively.

Figure 2.2 shows increasing methane conversion with increasing residence time at 1000°C
downstream of the catalyst bed (t@downHT), at constant conditions and contact time
inside the catalyst bed. This effect is not observed when increasing residence time at
1000°C upstream of the catalyst bed (t@upHT), as shown in Figure S 2.6. The conversion
under the same conditions in absence of catalyst is low (Figure 2.2), in agreement with the
hypothesis that the catalyst activates methane, forming methyl radicals [3, 32], followed
by radical chain reactions. A similar autocatalytic phenomenon is also reported for non-
catalytic non-oxidative coupling of methane [36, 38]. Apparently, residence time at high
temperature downstream of the catalyst bed enables propagation of the radical chain
reaction, increasing methane conversion substantially. Remarkably, this effect continues

for at least 8 seconds residence time.

Figure 2.2: The effect of post-catalytic free- volume residence time at 1000°C, X for
methane activated by 0.26 g catalyst at 3.5 l-gcat-1-h-!, Agas-phase initiated system (no
catalyst); 90% CHa4 in N2; reactor-zone at 1000°C, pre-heater at 400°C; post-heater at
400°C for lower residence time in free volume and 1000°C for higher residence time in

free volume.
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Figure 2.3 shows the effect of t@downHT on the yields of products. The yields of all
products increase in the hot volume downstream the catalyst bed as conversion increases,
except for the yield of ethane. Apparently, increasing consecutive conversion of ethane in
the hot zone dominates over formation of ethane. Yield of carbon deposits, estimated
assuming a closing C- mass balance, increases much less with increasing methane
conversion than the other products (Figure 2.3). Figure S 2.7 presents the trends in
selectivity with t@downHT at constant conversion, confirming that the selectivity to
carbon deposits decreases. In contrast, yields of acetylene, benzene and naphthalene all
significantly increase and their production via free radical chain reactions apparently

dominates over consecutive conversion reactions in the hot zone downstream the catalyst.

Figure 2.3: Influence of t@downHT on the yield at 3.5 1-gcar!-h-1, matching the conversion
shown in Figure 2; 0.26 g catalyst; 90% CH4 in N2; (a) major products and total carbon to
products: —* — Naphthalene; --®-- Ethylene; —4— Deposits; (b) minor products:
—&— Ethane; - 4 - Benzene; & ; Acetylene; conditions according to Figure 2.2.

Table 2.1 compares the performance of Fe©SiO2 in this work, both with and without
extended residence time at 1000°C downstream of the catalyst bed, with the results
reported in literature. It is remarkable that both activity as well as selectivity obtained
when operating with high t@downHT, are quite similar to results of Sakbodin et al. [24]
and Oh et al. [25]. In contrast, fast quenching downstream the catalyst bed results in much

lower conversion and more deposit formation.
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performance comparison between this work and others using the Fe(c)SiO2

Table 2.1

catalyst.
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Figure 2.4 shows that the apparent activation energy increases with increasing
t@downHT, based on experiments between 950 and 1100°C. We observe that apparent
activation energy increases with increasing methane conversion in t@downHT. Han et al.
[26] reported an apparent activation energy of 334 kJ-mol-l. Calculation of apparent
activation energies based on the data of Guo et al. [3], Sakbodin et al. [24] and Oh et al.
[25] resulted in 454 kJ-mol-1, 333 kJ-mol! and 577 kJ-mol-! respectively, as presented in
Figure S 2.12. A coated wall reactor contains a large empty volume, explaining the high
activation energy estimated based on the data of Oh. The high activation barrier estimated
based on the results of Guo suggests a large contribution of reactions in the downstream
zone, in agreement with the fact that conversion and activity were the highest reported so
far. To lesser extent, the same is true for the results reported by Sakbodin et al. [24] and
Han et al. [26].

Figure 2.4: Apparent activation energy change when increasing the free-volume
downstream of the catalyst, by decreasing the amount of catalyst; measured at constant
flowrate: 33.3 ml-min-1: 90% CH4 in N2 #; temperature of reactor-zone varied between
950-1100°C, pre-heater and post-heater at 400°C; note that the data point Mat 1.35 s no

catalyst; for details on catalyst placement refer to Supporting Information S.4.

Figure 2.5 presents the integral yields to products, deposits on the catalyst and deposits
downstream during a 14 hours experiment under conditions as summarized in Table S
2.3. Figure 2.5 confirms that the product yield increases with increasing t@downHT.
Figure 2.5 also shows that formation of deposits on the catalyst is suppressed by rapid
heating of the reactant gas before it reaches the catalyst, preventing soot formation in the
gas phase that would be trapped by the catalyst bed.
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Figure 2.5: Effect of t@upHT and t@downHT on the integral product distribution over a
full experiment during 14h at 1000°C with 90% CHa4 in N2 during which flowrate and
temperature was varied in time according a fixed program described in Supporting
information S. 4; 777 0.5 ml T@upHT; N 0 25 I T@upHT & 0.25 ml t@downHT;

#22 0.5 ml t@downHT; deposits on the catalyst are measured using TGA and assumed
to contain exclusively carbon. Deposit formation downstream of the catalyst estimated
based on the C-mass balance; deposits on the catalyst and downstream of the catalyst have

been multiplied by 5 for clarity; pre-heater and post-heater operated at 400°C.

In summary, methane conversion is dominated by propagation reactions in free volume at
1000°C downstream of the catalyst bed, after initiation of the free radical reaction by the
catalyst, in agreement with the recent patent publication [33]. At the same time, formation
of deposits is significantly reduced, whereas formation of olefins and aromatics in the hot
zone dominate. Formation of deposits can be further suppressed by heating the reaction
mixture rapidly, before contacting the catalyst. Residence time inside the catalyst bed
should be minimized, since the catalyst is only required for initiation the free radical

reaction and will cause significant deposit formation when in contact free radicals.

The design of the catalytic reactor and the oven determines to an important extent the
performance in catalytic NOCM, with respect to both activity as well as minimizing
formation of deposits. Unfortunately, these details are usually not reported. Especially the
large effect on the formation of carbonaceous deposits is responsible for the fact that
results depend strongly on experimental details.
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2.2 Experimental section

The Fe©SiO2 catalyst was prepared according procedures reported in literature [3] and
the expected composition and structure were confirmed with XRF and XRD, respectively
[3, 24, 26]. More detailed information on catalyst synthesis and characterization is
presented in S2 and S3, illustrating our catalyst is very similar to Fe©SiO: catalysts
synthesized in earlier studies.

2.3 Acknowledgements

We acknowledge support from the Dutch National Science Foundation (NWO) and the
industrial partners: SABIC, Sasol and BASF. We thank ing. B. Geerdink, K.J. Altena, ing.
T.L.M. Velthuizen and ir. T. Lubbers for their experimental and analytical support. We
thank dr. T.A. Nijhuis and dr. D. Nagaki for inspiring discussions. Lastly, we thank dr. E.

Postma for input in correcting the document.

Keywords: Fe©SiO2 - non-oxidative methane conversion - free radical reaction - coke

formation

36



Chapter 2

2.4 Supporting information

2.4.1 S.1Overview of performance figures concerning catalytic NOCM

In 2014 Guo et al. [3] reported coupling of methane to olefins and aromatics over an iron
on silica catalyst (Fe©SiO2) at high temperature, between 950 and 1090°C, without
suffering from coke formation. The catalyst was synthesized by fusing Fe2SiO4 into silica
at 1700°C. The maximum reported conversion is 48.1% at 1090°C. The only hydrocarbons
produced are ethylene, benzene and naphthalene, with an ethylene selectivity of ~50%
between 950 and 1090°C. Other research groups have not yet been able to reproduce the
performance reported by Guo et al. [24-26]. Sakbodin et al. [24] used the Fe©SiO2 catalyst
in a SrCeo.7Zro.2Eu0.103-s hydrogen permeable membrane reactor. It was shown that
hydrogen removal from the reaction can increase the methane conversion, while still
suppressing coke formation. CH4 conversion was 8% at 1000°C in a fixed bed reactor,
increasing to 13% under the same conditions using the membrane. Oh et al. [25] coated
Fe®©SiOz2 on the wall of a quartz reactor which increased methane conversion from 8 to
11.4%. Coking was reported at an average carbon selectivity of 10%. Han et al. [26]
performed a thorough analysis of the effects of different silica polymorphs as well as iron
deposition methods for Fe/SiO2 catalysts. The Cristobalite phase of silica, formed above
1470°C [39], was determined to be the most important factor in preventing coke
formation. This high temperature silica polymorph raises the apparent activation energy
for coke formation compared to the quartz phase, from 150 kJ-mol-! for quartz to around
450 kJ-mol-L. Kim et al. [32] performed detailed DFT calculations on the active iron site in
the Fe©SiO2 catalyst. Their calculations show that methyl radical generation is in
competition with direct acetylene production on the catalyst surface. Furthermore, the
calculations show that gas-phase methyl radicals can abstract methyl species on the

catalyst surface, thus enhancing the reaction rate.

Other catalysts are reported for the NOCM reaction with low coking rates, in most cases
operated at lower conversion. Okolie et al. [28] reported CH4 conversion up to 1.2% over
a Ni/Ceo.83Zro.1702 catalyst, operated at 300-500°C with a 5% CH4/N2 feed, into
predominantly ethane, with traces of ethylene, benzene and toluene. Nishikawa et al. [31]
screened a wide range of 10 wt% transition metals deposited on dense silica, In/SiO2
showed by far the highest activity. Conversion was measured between 0.2 and 4.6%,
forming mainly ethane and ethylene, with coke selectivity between 5 and 30% depending
on the temperature. Chen et al. [27] reported a Pb/albite and Fe/albite catalysts achieving
methane conversion up to 8% at 900°C. The only products reported are ethane and
ethylene, with traces of acetylene. Xiao et al. [30] reported a bimetallic Pt-Bi catalyst, by
tuning the ratio between Pt-Bi to 1%Pt,0.8%Bi/ZSM5 at 650°C a methane conversion of
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5.5% was achieved with only 5% coke selectivity. Xie et al. [29] showed methane coupling
over atomically dispersed Pt/CeO2. Methane converts between 2% to 25% at temperatures
between 900 and 1000°C, with high C: selectivity and no coking, using a highly diluted
methane stream, i.e. 1% CH4 in He. All data on catalytic non-oxidative methane coupling
are summarized in Table S 2.1. The method used to determine or estimate the amount of
coke is indicated: GC means that the amount of coke is estimated assuming a closed mass
balance based on GC analysis of all compounds in the product mixture, W refers to
determining the amount of coke more accurately by weighing the catalyst or reactor before
and after reaction on a balance. TGA refers to Thermogravimetric analysis, TG-MS refers
to a TGA analysis coupled with a mass spectrometer to analyse the evolving gasses.
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Summary of papers on catalytic NOCM, showing the measured temperature

Table S 2.1

range, used space velocities, feed-gas composition and the achieved methane conversion
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2.4.2 S.2 Synthesis procedure of Fe©SiO: catalyst

Fe2Si04 was synthesized according to the method reported by DeAngelis et al. [40] Toluene
(8375 ml, pro analysis, Emsure) is mixed with 175 ml methanol (pro analysis, Emsure) and
added to a 11 three-neck round bottom flask. These necks are used to introduce 1.2 bar No,
to introduce liquid via a drippling funnel (20 ml) and for a reflux condenser with a needle
valve at the top, to release small amounts of gas. The solvent mixture is refluxed, under
agitation, for 30 minutes at 250°C to remove any oxygen and left to cool down. 8.7 g of
iron (II) chloride (99.5%, Alfa Aesar) is mixed with 9.3 g of sodium ethoxide (96%, Alfa
Aesar) inside a glovebox and sealed in an airtight bottle. The bottle is placed in a gastight
bag and sealed to the round bottom flask, after removing the dripping funnel. After
addition of the powder the temperature is slowly increased to 150°C. 7.9 g TEOS (reagent
grade, Aldrich) was slowly added using the dripping funnel. After 30 minutes 10 ml of 0.2
M NaOH (reagent grade, Emplura) was added. The solution is left to reflux overnight
(16h). The formed gel was dried in a rotary evaporator under vacuum. Pressurization to
atmospheric is done using N2. The formed powder is heated at 5 K-min-! to 800°C and held
for 2h under N2 atmosphere. The resulting Fe2SiO4 is analysed using XRD and XRF as
described in S3, Figure S 2.1 and Table S 2.2.

The Fe2SiO4 was mixed with granulated quartz pro analysis (Merck). The mixture is milled
in a Fritsch Pulverisette 5 planetary ball mill under N2 atmosphere for 19h at 360 rpm
operated with a Y-stabilized ZrO2 milling jar with 0.5 mm milling balls. Typically, 30 g of
pre-mixed Fe2SiO4 and quartz and 100 g milling balls are loaded in an 80 ml milling jar.
The resulting powder is separated from the milling balls and about 1.5 g is added to a ZrO2
crucible and placed inside a box-oven. The oven is first heated at 5°C-min-! to 120°C, it is
kept at 120°C for 1h to remove moisture. The oven is heated at 3°C-min-! to 1600°C, the
oven is heated further at 2°C-min-! to 1700°C. The oven is kept at 1700°C for 6h. The oven
is cooled down in the inverse order, from 1700°C to 1600°C at 2°C-min-! and from 1600°C
to room temperature at 3°C. The fused Fe/SiO2 (Figure S 2.2) is removed from the crucible
at room temperature. The fused slab is broken, milled and sieved into different size
fractions. The fraction between 250-500 um is used to measure the catalytic properties.
The catalyst particles are leached for 2h in 0.5M HNOj3 (diluted from 65wt% reagent grade
HNOj3, Emsure) under ultrasonic agitation at room temperature. Sieving is repeated after

rinsing with Milli-Q water and drying at 105°C, removing a small fraction of fines.
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2.4.3 S.3 Characterization of the synthesized catalyst and precursors

FBzS iO 4
reference

Fe2 Si04
synthesized

i

10 20 30 40 50 60 70 80
20

Figure S 2.1: XRD diffractogram of the synthesized fayalite (Fe2SiO4) catalyst precursor
compared to literature [40, 41].

The Fe©SiO: catalyst as well as Fe2SiO4 are analysed using XRF (Bruker Tiger S8) to
determine the chemical composition. XRD (Bruker D2 Powder) is used to determine the
crystallographic structure of the catalyst as well as of potential impurities. The amount of
carbon deposited on spent catalyst is determined with TGA (Mettler Toledo TGA/DSC 3+
Star System); typically, 30 mg of sample is loaded in the crucible, increasing the
temperature with 5°C-min-! until 1000°C in 50 vol% air in Ar (20 ml-min-1).

Table S 2.2 shows that the composition of FexSiO4 is very similar to the theoretical
composition. Also the similarity of XRD diffractogram (Figure S 2.3) of in-house
synthesized cristobalite with literature [41] confirms successful preparation of cristobalite.
The catalyst contains 45.4 weight percent of silicon and 0.5 W% Fe, as expected.
Furthermore, traces of both zirconia and yttria were found, similar as reported by Han et
al. [26] following the same synthesis procedures. Both zirconia and yttria are trace
elements introduced during the ball-milling step, through unavoidable attrition of the
milling balls. No further contaminations were detected. Figure S 2.3 shows the XRD
diffractogram of Fe©SiO2 and. All peaks of Fe©SiOz2 catalyst are shifted slightly to lower
20 values as compared to the cristobalite reference as well as literature data [41]. The
Fe©SiO:2 diffractograms shows minor peaks at 20°, 26.9°, 30.1° and 36.3°, attributed to
zircon (ZrSiO4) [41] and pyroxferroite (FeSiO3) [41]. The shift in the spectrum might be
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caused by the presence of traces of e.g. Fe, Zr or Y ions in the cristobalite crystal structure.
Peaks attributed to both zircon (ZrSiO4) [41] and pyroxferroite (FeSiOs) [41] were
detected, although at very low intensities (not shown). Han et al. [26] reported presence
of the same phases, in a study showing that catalysts containing cristobalite phase of quartz
cause less coking than other quartz polymorphs. Han et al. [26] also reported presence of
zirconia-containing phases in Fe©SiOy, attributing peaks for ZrSiO4 at 26 values of 27.0°

and 30.2° in agreement with our results, although the 30.2° peak could also be attributed
to FeSiOs [41].

Figure S 2.2: Fe©SiO2 after 6h fusion at 1700°C.

Table S 2.2: Elemental composition of the catalyst and precursors as determined by XRF.

Fe©SiO2 Fe2Si04 Fe2SiOstheoretical

Element Wit% Wit% Wt%
Si 45.4 13.2 13.9
Fe 0.5 55.1 54.8
Zr 2.1 0 0

Y 0.2 0 0

O (rest) | 51.8 31.7 31.4
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Cristabolite Literature
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Figure S 2.3: XRD diffractogram of fresh Fe©SiO2 compared with diffractograms of
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T

Cristobalite and Cristobalite literature reference [41]. The zoom in of the major diffraction

peak shows a subtle shift in the peak position.

2.4.4 S.4 Reactor setup and catalytic testing

a)

Figure S 2.4: a) Flow scheme of the reaction system; b) detailed overview of the reactor-
system, each zone is separated by two insulating layers (each 1.7 cm thick), which have a
hole in the middle, allowing the reactor to pass through. The left side shows the labels as

used in the manuscript, the right side shows the inside cut-away, including dimensions.
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Figure S 2.4a presents a scheme of the equipment to measure the catalytic performance.
Four mass-flow-controllers supply gasses to the reactor. The gas feed generally consists of
90% CH4 and 10% N2, which is used as an internal standard, at atmospheric pressure. A
pressure indicator measures the pressure before the reactor and shuts off the methane flow
in case carbon formation would block the reactor. The oven is segmented in three
thermally insulated zones, which will be described in detail below. The tubing between the
reactor and the GC is traced at 200°C to minimize condensation of products. A condenser
at 150°C is placed between the reactor and the GC to prevent accumulation of higher
aromatics (Cio+) in the GC. GC-MS analysis of the condensate, presented in section 2.4.8,
show a mixture of polyaromatic species with at least three aromatic rings. A pressure relief
valve after the reactor, opening at 0.07 bar overpressure, limits the pressure build-up over
the GC at high flowrates.

Figure S 2.4b shows details of the oven and reactor operated in down-flow; the zones
denoted 1 and 3 are the pre-heater and post-heater, respectively. The reactor system is
designed inhouse and produced by Elicra electrowarmte b.v.. Zone 2 is termed the reactor-
zone. The temperatures in each zone can be controlled independently. The heated zone in
the pre-heater and post-heater are both 10 cm in length the heated zone of the reactor zone
is 6 cm in length. Each section has an insulation layer of 1.7 ¢cm in length at both the
entrance and exit, thermally isolating the three zones. The pre-heater and post-heater are
operated at 400°C, unless otherwise noted. The temperature of the reactor-zone is varied
between 950 and 1100°C. The inner diameter of the oven is 12 mm, whereas the reactor is
a high purity quartz tube with 4 mm inner diameter, 6 mm outer diameter and a length of
350 mm. The space between the reactor-tube and the oven is plugged with quartz wool in
the top of the pre-heater and bottom of the post-heater to prevent any updraft. The
temperature profiles in the reactor are measured using a quartz capillary with an outer
diameter of 1.2 mm and inner diameter of 0.9 mm containing 7 k-type thermocouples each
with a diameter of 0.25 mm. The position of thermocouples in the capillary.
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Figure S 2.5: Seven ways to position the catalyst inside the 6 cm zone of oven segment 2.
Situations 1,2 and 3 contain 260 mg catalyst resulting in a bed-height of 2 ¢cm, whereas
situation 4 and 5 contain a catalyst bed 3 cm height (420 mg), situation 6 a catalyst bed
height of 6 cm (820 mg), leaving no free volume at reaction temperature. 7 contains a 1
cm high bed (160 mg), whereas situation 8 is an empty reactor; case 9 demonstrates case
1, including the post-heater at higher temperature; case 10 demonstrates case 6, including
the pre-heater at high temperature.

Figure S 2.5 shows how the amount of catalyst as well as the position of the catalyst-bed
was varied inside the 6 cm reactor-zone (Figure S 2.4b). The positioning of the free volume
with respect to the catalyst bed is used as denotation: t@downHT signifies volume, and
thus residence time, at the catalyst temperature downstream of the catalyst bed; in the
same fashion t@upHT refers to residence time above the catalyst bed. The volume
downstream or upstream is varied by changing the amount of catalyst in the reactor-zone,
asis evident in the different cases presented in Figure S 2.5. The total volume of the reactor
zone is 0.75 ml, both pre-heater as well as post-heater have a volume of 1.68 ml each.
Residence time is calculated at STP, using the flowrates controlled by the mass flow
controllers. Residence time in the catalyst bed is calculated assuming a packing density of
0.4, 1i.e. a free volume fraction of 0.6. For example, if case 1 (Figure S 2.5) is used including
the post-heater, giving case 9, at a flowrate of 16.6 ml-min-1, the catalyst residence time

will be: 0.25 ml g * 0.6/(16.6 ml - min~'/60) = 0.54 s; the free-volume residence time

will be (0.5 + 1.68) Mifree vorume/(16.6 ml - min~™'/60) = 7.9 s.
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The catalyst is placed at the desired position in the quartz reactor according to Figure S
2.5, held in position by a small quartz wool plug. The reactor is flushed for 10 minutes with
10 ml-min-! No. The catalyst is heated with 20°C-min-! to 900°C under 10 ml-min-! No. The
catalyst is then exposed to 90 vol% CH4 in N2 at 1000 ml-gcat'1-h-1 during two hours to
activate, following the procedure of Bao pers. commun. [42]. After activation, the reactor
is flushed for 10 minutes at 900°C with N2 10 ml-min-!. The temperature is increased to
the desired reaction temperature, with a heating rate 20°C-min-! and the experiment is
started by feeding 90 vol% CH4 balanced with N2. The residence time in the reactor zone
is varied during experiments at 1000°C by varying the flow rate between 55.55 ml-min-!
and 3.33 ml-min-l. Temperature is varied between 950 and 1100°C in experiments with a
flow rate of 33.3 ml-min-! (90% CHa4 in N>2).

Table S 2.3: The sequence of flowrates and temperatures of the reactor-zone used in the
integral experiments presented in Figure 2.5 of the main text.
Condition (flow &temp) Time (h)

Activation 2:00
55.55 ml-min-! 1000°C 1:20
33.33 ml'min-! 1000°C 1:20
16.66 ml-min-! 1000°C 1:20
7.77 ml-min-! 1000°C 1:20
3.33 ml-min-! 1000°C 1:20
33.33 ml'min-t 950°C 1:20
33.33 ml'min-! 1000°C 1:20
33.33 ml'min-! 1050°C 1:20
33.33 ml'min"! 1100°C 1:20
Total 14h

Product mixtures are analysed using a three-channel Varian CP3800 online gas
chromatography (GC). The GC contains a permanent gas channel for N2 and CH4 analysis
with a TCD, using He as carrier gas, a dedicated hydrogen channel, with nitrogen as carrier
gas and TCD detection, and an FID channel with a GS Gaspro capillary column for analysis
of hydrocarbons. The valve box of the GC is heated at 190°C. Samples are taken and
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analysed every 27 minutes. Each data point is the average of at least 3 measurements in

steady state conditions.

2.4.5 S.5 Reaction performance calculations

Methane conversion is calculated in two different ways, one method used at low
conversion (<2%) based on formed products including hydrogen, and a second method
more accurate for conversions above 2% using nitrogen as an internal standard. At these

higher conversions the two calculation methods show perfect overlap.

Methane conversion is thus calculated according:

PCkut ) PNZin . . 0 Eq.1
¢, =1 —5————"—incase of conversion > 2%
PCH4in ' PNzout
PCH4out . . 0 Eq 2
$en, = 1- in case of conversion < 2%

z out

Methane conversion is corrected for any change in the molar flow rate based on change in
the nitrogen tracer concentration according Eq. 1 [3, 43]. This method is inaccurate at low
conversion and therefore conversions below 2% are calculated based the measured
concentrations of all hydrocarbons according Eq. 2 [31]. The concentration of carbon in
the product stream is calculated according Eq. 3, including not only unconverted methane
and the moles of carbon in products detected with GC, but also including an estimation of
the amount of carbon in deposits. This amount is estimated based on the amount of H»
produced, exceeding the amount that would be expected based on the formation of
products detected with GC. Note that it is assumed that the deposits do not contain any
hydrogen.

P z(4-x —Zy : chHy))

2

Eq. 3

2Cout = Penyour + 2 (X ' chHy) + forx =2

Selectivity is always calculated on molar carbon base, corrected for any change in the molar

flow rates based on the concentration of the N2 tracer, Eq. 4 [3, 43].

X P, Py Eq. 4

Scen, =
i $ch,  Pryoue  Pen,in

Selectivity to deposits is defined as the residual term left from the summation of all product
selectivity.

S¢ = XSc,n, Eq.5
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Integral calculations of conversion, selectivity and coke deposition are made in order to
compare with data on the amount of deposits on the catalyst as measured with TGA.

Equation 6 calculates the total amount of carbon converted in the full experiment:

t=14h Eq. 6

1
Ceonverted CHy = ¢CH4in ' fCH4 ' v
m

t=0

The total amount of carbon that is converted to deposits during an integral experiment is
calculated in:

t=14h 1 Eq.7
Ctotal in products = f ¢CH4in ' §CH4 " Se V_
t=0 m

The amount of deposits formed during a full experiment can also be calculated based on
the weight loss during oxidation of the spent catalyst in TG, according Eq. 8, assuming that

the deposits contain exclusively C:

C — AW, - Qcat Eq.8
deposits on catalyst — TGA M
C

Symbol list

¢cn,: conversion of methane (—)

Py:partial pressure of compound X (bar)

YCpys: total theoretical carbon partial pressure in the outflow (bar)

SCXHy: selectivity towards CyH,, hydrocarbon (=)

Sc: total carbon to products selectivity (=)

¢ flow of x (ml-s™1)

Vip: molar volume at SPT (ml - mol™1)

Mc:molar mass of carbon (g -mol™1)

AWrg4: the percentage of mass lost in the TGA analysis (=)

Qcqr: amount of catalyst loaded in the reactor (=)

Ceonverted cH,: total amount of carbon from converted CH, accoring to GC measurement (mol)
Ctotal in products: total amount of carbon in products according to the GC measurement (mol)
Caeposits on catalyst: total carbon molar yield of deposits on the catalyst (mol)
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2.4.6 S. 6 Additional Results and Discussion
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Figure S 2.6: Catalyst activity as function of the free-volume upstream or downstream of

the catalyst bed; space velocity: 3.2 1-gcat-1-h-1; T reactor-zone: 1000°C; T pre-heater and
post-heater 400°C.

Figure S 2.7: carbon to product selectivity when varying the residence time at 1000°C
downstream of the catalyst bed; interpolated at 7.3% constant methane conversion; 0.26
g catalyst; (a) major products: —* — Naphthalene; -'® - Ethylene; —4— Carbon
deposits; (b) minor products: —®— Ethane; - 4+ - Benzene; --#--; Acetylene.
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Figure 2.2 and Figure 2.3 originate from the data in Figure S 2.9. The fact that ethane is
the dominant product at low conversion (Figure S 2.9a and Figure S 2.10) suggest that
ethane is the primary product, i.e. by recombination of two methyl radicals. Ethylene is
the secondary product, achieving maximal selectivity at typically 1% conversion as shown
in Figure S 2.9b. Selectivity to ethylene remains significant at higher methane conversions,
typically around 20-30% on carbon basis, similar to results of Guo et al. and Sakbodin et
al. [24]. This is in agreement with the fact that ethylene is relatively stable at temperatures
around 1000°C [3, 19, 24-26, 32]. Benzene and naphthalene are ternary products, as can
be seen in Figure S 2.9¢ and d. It is generally accepted that carbonaceous deposits form via
acetylene dehydrogenation as well as further oligomerization [44, 45]. Other minor
products detected are acetylene, propylene, butene and butadiene, toluene, styrene and
xylenes (Figure S 2.11). This sequence of product formation has not yet been reported for
methane pyrolysis over Fe©SiO2, but is very similar to reaction scheme of non-catalytic
methane pyrolysis [36-38, 46-48].

15% *
g F
wm ’
510% 2 Lk
- 4
= ,f = ”
g il
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D Vi ,§
E F’ ” I
P2
0% o ’ j
0 1 2 3

residence in catbed (s)

Figure S 2.8: Effect of residence time in the catalyst bed on methane conversion for
different residence times up and downstream of the catalyst bed; 0.26 g catalyst, reactor-
zone at 1000°C, pre-heater and post-heater at 400°C; 0.5 ml t@upHT ; — ¢ —
0.25 ml t@upHT & 0.25 ml t@downHT; ==B== 0.5 ml t@downHT; included as
background information to Figure S 2.9.
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Figure S 2.9: Selectivity to ethane (a), ethylene (b), benzene (c) and naphthalene (d) as

function of methane conversion varied by changing residence time as reported in

Figure S 2.8 for differing residence time up and downstream of the catalyst bed; 0.26 g

catalyst, reactor-zone at 1000°C, pre-heater and post-heater at 400°C;

0.5 ml

T@upHT; — * —0.25 ml t@upHT & & 0.25 ml t@downHT; ==8=- 0.5 ml @downHT.
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Figure S 2.10: C2 selectivity at low conversion; measured using a blank quartz tube at
higher space velocities, reaction zone at 1000° C; pre- and post-heater at 400°C; —a—
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Figure S 2.11: Selectivity to (a) minor aliphatics and (b) minor aromatics; as function of

methane conversion varied by changing residence time as reported in Figure S 2.8 for 0.5
ml t@downHT; 0.26 g catalyst, reactor-zone at 1000°C, pre-heater and post-heater at

400°C; for (a) —®— acetylene; —*— propylene; -

4 —butene;

cyclopentadiene; for (b) —®—toluene; —#®— xylenes; — * — styrene.
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2.4.7 S.7 Calculations of apparent activation energy

Apparent activation energy was calculated based on Arrhenius plots for temperatures

between 950 and 1100°C, using exclusively data under differential conditions (conversion

<15%), presented in Figure S 2.12. Data for the apparent activation energies of Guo et al.
[3], Sakbodin et al. [24] and Oh et al. [25] were obtained from the respective supporting
information sections. Note that for Sakbodin and Oh the limit of <15% conversion is

maintained. For Guo this proved impossible. It was chosen to take all data points up to
1303K (41.5% conversion) to match the temperature range with Sakbodin and Oh. Note

that excluding higher temperature and conversion point will lead to a higher apparent

activation energy.
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Figure S 2.12: Activation energy calculations for a) different amounts of catalyst placed at

the top of the reactor zone according to Figure S5, Bcase 8; ®case 7; 4case 1; ~case4; ®
case 6; b) those calculated based on literature data from BGuo et al. [1] ;®Sakbodin et al.

[2a] ; AOh et al. [2b].
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2.4.8 S.8 Analysis of the condensate recovered from the reaction system

Figure 2.5 introduced the distinction between coke-on-catalyst and deposits-downstream
of the catalyst bed, the former measured by TGA and the latter estimated based on the
C-balance. The deposits on the catalyst resembled a soot-like coke, which proved
impossible to dissolve in acetone. The deposits formed on the reactor-wall downstream of
the catalyst in the zone, where the temperature was higher than 900°C, was silver in colour
and flaked easily on agitation. This silver coloured deposit is presumed to be graphite
based on physical appearance and the high temperature zone it was found. The cooler parts
of the reactor, as well as the traced line leading up to the GC and the condenser (see S.4
Reactor setup and catalytic testing for setup details) contained a tar-like deposit ranging
from light orange to black in colour. This deposit was recovered with acetone by repeated
flushing and ultrasonic agitation. The samples were sent to the Laboratory for Chemical
Technology at Ghent University for GCxGC FID analysis by Hang Dao Thi. Results showed
a wide array of poly aromatic species with carbon numbers between 6 (benzene) and 28.
The most abundant (i.e. higher than 3%) species are summarized in Table S 2.4. All species
have a highly aromatic nature, with few branches and no non-aromatic ring structures as
shown in the molecular structures in Table S 2.5. These results match with high selectivity
to benzene and naphthalene compared to other aromatic species. The 4 specifically
identified species in Table S 2.4, ie. pyrene, indeno[1,2,3-cd]pyrene,
dibenzo[def,mno]chrysene and coronene all have a compact structure that minimizes

hydrogenated carbon atoms.

54



Chapter 2

Table S 2.4: the most abundant (>3%) species in the condense recovered from the reactor,
tubing and condenser. Melting and boiling points obtained from [49]. Estimated values

for melting and boiling point calculated using the Joback method [50].

Compound abundance nr C nr of MP(°C) BP(°0C)
in condense atoms benzene
rings

Pyrene 3.4% 16 4 145 404

C20 naphthenotetraaromatics | 10.6% 20 4 248 (est) | 490 (est)
C21 naphthenotetraaromatics | 4.0% 21 4 272 (est) | 518 (est)
Indeno[1,2,3-cd]pyrene 3.9% 22 5 164 536
Dibenzo[def,mno]chrysene 10.5% 22 6 258 555

C22 hexaaromatics 5.7% 22 6 317 (est) | 556 (est)
C24 naphthenohexaaromatics | 3.5% 24 6 365 (est) | 612 (est)
Coronene 3.5% 24 6 437 525

C26 naphthenoheptaaromatics | 5.8% 26 7 439 (est) | 674 (est)
C2s naphthenooctaaromatics 15.8% 28 8 497 (est) | 735 (est)
C23 nonaaromatics 7.6% 28 9 508 (est) | 740 (est)

The deposition of these poly-aromatic compounds at places where the temperature is low
enough to extinguish the free radical reaction (T<600°C) shows that they must have
formed in the reaction-zone and condensed further downstream. This shows that gas-
phase formation of coke, via growth of poly-aromatic species via addition of smaller olefins
is a likely route for the formation of carbonaceous deposits as proposed by Guéret et al.
[51]. Deposit formation tends to occur via two mechanisms [51], radicals will adsorb on
the surface of the reactor, creating nucleation points for the formation of graphite and
carbon-carbon coupling will lead to poly-aromatic structures that will condense to form a

more soot or tar like deposit, in line with results found in this thesis.
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Table S 2.5: Molecular structures of the most abundant poly-aromatic compounds found
in the condense of the NOCM reaction.
Species name Molecular structure

Phenanthrene

Anthracene

Pyrene

Fluoranthene

Benzanthracene

Indeno[1,2,3-cd]pyrene

Dibenzo[def,mno]chrysene

Coronene
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Abstract

The effect of addition of ethane and ethylene (C2) on methane coupling at 1000°C was
investigated. A Fe/SiO2 catalyst was used to determine the contributions of catalytic as
well as C2 initiated methane activation. The catalyst load as well as the residence times at
1000°C downstream the catalyst bed were varied. C2 addition significantly increases
methane conversion rates, similarly for both ethane and ethylene, although ethylene is
more effective when operating with long residence times in the post-catalytic volume.
Methane activation via C2 addition proceeds dominantly in gas-phase whereas catalytic C2
activation is negligible. The catalyst has no effect on methane conversion when the feed
contains more than 2 vol% C2. Product selectivity distribution as well as total hydrocarbon
yield at 10% conversion is not influenced by C2 addition, but is influenced by the amount
of catalyst as well as residence time in the post-catalytic volume at high temperature. It is
proposed that Co impurities in natural gas change from a nuisance to an advantage by
enhancing methane conversion and simplifying purification of the natural gas feed. A
process is proposed in which ethylene is recycled back into the reactor to initiate methane

coupling, leading to a process converting methane to aromatics.
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3.1 Introduction

Natural gas, consisting typically of 90 vol% CH4 and 5 vol% C2 hydrocarbons [1], is
considered as a highly interesting resource for the production of olefins and aromatics [2-
4]. Traditionally, these products are by-products of crude oil refining [5, 6]. It is, however,
predicted that raw oil extraction will reach peak production in the coming decades [7], and
hence the increase of global olefins and aromatics demand needs to be met via another
process. Natural gas is already used on large industrial scale for the synthesis of base

chemicals and fuels [8-10]. These processes convert natural gas to specific hydrocarbons

with high carbon efficiencies to olefins and aromatics over crude oil refining [11, 12].

Current industrial methods for converting natural gas into base chemicals are multistep
processes starting from methane steam-reforming to obtain syngas [13]. The syngas can
be converted into paraffins in the Fischer-Tropsch (FT) process [8] or used for methanol
synthesis, followed by methanol to gasoline (MTG)[14] or methanol to olefins (MTO) [12].
The large number of process steps at different temperatures and pressures makes the

processes energy intensive and only viable at large installed capacities [15].

Direct conversion of methane to higher hydrocarbons is hence receiving a growing interest
over the last decades, as a more efficient alternative to the indirect routes mentioned
before. Three main research directions can be distinguished, i.e. methane dehydro-
aromatization (MDA) [16], oxidative coupling of methane (OCM) [17] and non-oxidative
coupling of methane (NOCM) at high temperature [18]. Both MDA as well as OCM suffer
from low single pass conversion as well as low product yields [16, 17]. Guo et al. [19]
reported in 2014 that a Fe/SiO2 catalyst is able to couple methane non-oxidatively to
olefins and aromatics at high conversion levels and without coke formation.
Measurements were carried out at temperatures in excess of 950°C. Follow-up research
showed that methane conversion can be increased by in-situ hydrogen removal [20], by
using a catalytic wall reactor [21] and by increasing the residence time in the reactor at
high temperature downstream the catalyst bed (post-catalytic volume) Discussed in
chapter 2 as well as a SABIC patent [22]. However, all these studies reported coke
formation and lower catalytic activity [19-24] compared to the original work of Guo et al.
[19]. It is generally accepted that the catalyst initiates methane conversion, through
formation of methyl radical, followed by free radical chain reactions and coupling
reactions in gas phase, determining the product distribution [19, 24], as also discussed in
chapter 2. The publications concerning the Fe/SiO2 catalyst have focused on a pure
methane feed, even though natural gas contains a significant fraction of C2 hydrocarbons

[1].
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Ethane and ethylene readily form radicals that participate in the autocatalytic cycle of
methane pyrolysis at reaction temperature, i.e. above 950°C [25-28]. Addition of ethane
can significantly reduce the induction period during non-catalytic methane pyrolysis as
reported in early work by Germain et al. [29]. Methane conversion rates can thus be
significantly increased by introduction of small amounts of C2 hydrocarbons, up to 3%,
into the reactant mixture as reported in early work by Schneider [28] and Rokstad et al
[30]. Ogihara et al. [31] reported recently that methane is activated by ethane addition
even at relatively low temperatures 700-800°C in absence of any catalyst. Guo et al. [19]
reported a significant increase in methane conversion upon addition of 1-5% C2Hs at
900°C using the Fe/SiO2 catalyst, although ethane addition caused coke formation, which
crucially was not observed in their experiments using pure methane. SABIC [22] patented
a concept where post-catalytic ethane injection would quench the free radical coupling
reaction, stabilizing the formed olefin products. The effect of addition of C2 hydrocarbons
in presence or absence of the Fe©SiO2 catalyst on methane conversion and especially

product distribution has not been reported, to the best of our knowledge.

This chapter reports for the first time on the interaction between catalytic methane
activation and activation via the addition of free-radical initiators, i.e. ethane and ethylene,
to determine their contributions to methane conversion, product selectivity distribution

and deposit formation.
3.2 Experimental

3.2.1 Catalyst synthesis

The Fe/SiOz2 catalyst is synthesized according to the method described in [19] and details
concerning the catalyst synthesis as well as characterization can be found in chapter 2.
In short, inhouse synthesized Fe2SiO4 is mixed with quartz and ball-milled in No
atmosphere overnight using a zirconia milling jar. The resulting powder is fused for 6h at
1700°C in air. The resulting slab is crushed and sieved, the fraction between 250-500 um
is used in the experiments. The sieved catalyst particles are leached for 2h in 0.5 M HNO3,

rinsed and dried to obtain the final catalyst.

3.2.2 Reactor setup

A modular three-zone oven is used for catalytic testing. Each zone is thermally insulated
from the others and from the environment, allowing for steep temperature gradients, as
presented in Figure 2.1. The pre-heater is always operated at 400°C and the reactor-zone,
containing the catalyst, at 1000°C. The post-heater is either operated at 400°C, cooling
down the gas-stream directly after the reactor-zone, or at 1000°C to create an extended
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residence time at higher temperature, increasing the conversion as reported in chapter
2. Both temperature profiles, for operating the poster-heater at 400°C or 1000°C have
been included in Figure 2.1. Gas flowrates are controlled using digital mass flow
controllers. Product gasses are analysed using a three-channel Varian CP-3800 in-line gas
chromatograph, the tubing between the reactor and the GC is heated to 200°C to minimize
hydrocarbon condensation. Further details concerning the reactor setup are presented in

chapter 2.

3.2.3 Experimental procedure

The experimental procedure is adapted from chapter 2. The catalyst is placed at the
desired position in the quartz reactor according to Figure 3.1, held in position by a small
quartz wool plug. The reactor is flushed for 10 minutes with 10 ml-min-! No. The catalyst
is heated with 20°C-min-! to 900°C under 10 ml-min-! No. The catalyst is then activated in
90 vol% CHa4 in N2 at 1000 ml-geat'I-h-! during two hours, following the procedure of Bao
pers. commun. [32]. After activation, the reactor is flushed for 10 minutes at 900°C with
N2 10 ml-min-l. The temperature is increased to the desired reaction temperature, with a
heating rate of 20°C-min-! and the experiment is started by feeding 90 vol% CH4 balanced
with No. Ethane or ethylene are added while reducing the amount of nitrogen in the feed,
keeping the methane concentration as well as the total flowrate constant. Catalyst[19], gas-
phase[26] and reactor-wall[33] all contribute to methane conversion so that space velocity
is not useful as a descriptor; therefore the total gas flowrate was kept constant at 16.6
ml-min-! to allow for a fair comparison. The product gas is analysed using an online three
channel gas chromatograph (Varian CP-3800), measuring CH4 and N2 on the first channel,
Hb> on the second channel and all hydrocarbon products on a third FID channel. At the end
of an experiment, the reactor is flushed for 10 minutes with N2 at 10 ml-min-! after which
the reactor ovens are turned off and left to cool, maintaining the N2 flow while cooling. The
catalyst is removed from the reactor and analysed for coke deposition using TGA (Mettler
Toledo TGA/DSC 3+ Star System). Details on the temperature-programmed-oxidation
measurement in the TGA can be found in chapter 2. The online GC samples every 27
minutes and all data points presented are based on at least 3 measurements in steady state

conditions.
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S0 S1 S3 S6

Figure 3.1: 3 ways to position the catalyst inside the 6 cm zone of oven segment 2. Case 1
(S0) contains no catalyst, Case 2 (S1) contains a 1 cm high bed (160 mg), Case 3 (S3)
contains a catalyst bed 3 cm height (420 mg), situation 4 (S6) a catalyst bed height of 6 cm

(820 mg), leaving no free volume at reaction temperature.

Methane conversion is calculated according:

o = 1— Pciout * Pryin Eq.1
CHa PCH4in ' PNzout

e, conversion of methane (—)
Py:partial pressure of compound X (bar)

Methane conversion is corrected for any change in the molar flow rate based on change in
the nitrogen tracer concentration according Eq.1 [19, 34]. In the same way, the conversion
of the Co reactant is calculated, according Eq.2. Note that C2 conversion as calculated is
determined by both C2 fed to the reactor and formation of the same C2 species in the
reactor, therefore this value can also become negative when formation dominates over

conversion.

Pczout ’ PNzin Eq.2
fo, =1 p et
PCzin PNzout
¢c,soverall conversion of the added C, hydrocarbon (—)

Product selectivity is calculated on carbon base, corrected for any change in the molar flow
rates based on the concentration of the N2 tracer, Eq.3 [19, 34]. The selectivity calculation

takes into account conversion of both methane and C2, adjusting for stoichiometry.
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Sc,n, Eq.3
_ x'PCxHy'PNzin
Py, out * (PCH4in +2- P(Jzin) — Pr,in (PCH4out)

S, my: selectivity towards CyH, hydrocarbon (—)

The measured hydrogen signal was used to validate the calculated conversion and
selectivity distribution and closes to within 5%.

Experiments were performed over a maximum period of 8h, a stability test over 16h
showed a deactivation of 10% methane conversion in a test using pure methane at 1.8%

conversion.

3.3 Results

3.3.1 Effects on methane and C2 conversion

Figure 3.2 shows the effect of adding small amounts of ethane and ethylene to the reactant
mixture, varying the amount of catalyst and post-catalytic volume. Addition of ethane and
ethylene significantly increases CH4 conversion. Interestingly, there is no discernible
difference between the methane conversion when adding ethane (Figure 3a and b) or
ethylene (Figure 3.2c). The effect of C2 addition on methane conversion is decreases with
increasing catalyst amount, to the extent that catalyst has no effect when at least ~2%
ethane is added (Figure 3.2b. Figure 3.2d shows a linear correlation, including the origin,
between the free-volume in the reactor-zone and the linear acceleration in methane

conversion rate by addition of C2 molecules, as calculated based on Figure 3.2a and c.
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Figure 3.2: effect of C2 addition on methane conversion, varying the amount of catalyst
inside the reactor-zone: (a) ethane addition for lower concentration and b) higher ethane
concentration; (c) ethylene addition; (d) slope of increase in methane conversion as
function of C2 addition shown figures (a) and (c), plotted function of free volume inside
the reactor; taking into account the free volume surrounding the catalyst particles as well
as the free volume downstream of the catalyst bed at packing density of 0.45; 90% CH4 N2
balance; 16.6 ml-min! total flowrate. Reactor-zone at 1000°C, pre-heater and post-heater
at 400°C.

Figure 3.3 shows the overall ethane and ethylene conversion in all experiments. Ethane is
close to completely converted in all cases although conversion is somewhat lower when
employing a large catalyst bed. Ethylene conversion on the other hand is always lower than
50%. Interestingly, ethylene production dominates over conversion when using the post-
heater and when using a large catalyst bed (S6), i.e. conditions resulting in high methane
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conversion. Note that the C2 conversions presented in Figure 3.3 are the result of C2

conversion and Cz production in the reactor.
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Figure 3.3: C2 conversion as function of C2 addition, (a) ethane, (b) ethylene; 90% CH4 N2
balance; 16.6 ml-min-! total flowrate. Reactor-zone at 1000°C, pre-heater and post-heater
at 400°C, except for S1 post-heater having Tpostheater at 1000°C.

The post catalytic residence time at high temperature can also be increased by using the
post-heater as shown in Figure 2.1. Figure 3.4 shows a significant increase in methane
conversion, keeping the level of ethane addition constant, when operating the post-heater
at the same temperature as the reactor, i.e. 1000°C. Figure 3.4 also shows that ethylene
addition results in the highest methane conversion when compared with ethane addition
at the same concentration. Note that the difference in post-catalytic volume between the
S1 case with or without post-heater is a factor of 3.7, significantly larger than the increase
in conversion observed in Figure 5, showing a diminishing return of C2 addition at longer

residence time.
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Figure 3.4: Effect of the post-heater on methane conversion with ethane or ethylene added,
compared the effect of ethane addition without the post-heater (identical to S1 case Figure
3.2a). 90% CHa, N2 balance; 16.6 ml-min-! total flowrate. Reactor-zone and post-heater at
1000°C (except for S1 ethane case), pre-heater at 400°C.

Figure 3.5 shows the selectivity towards the 3 major product groups: C2 hydrocarbons, Cs-5
hydrocarbons and aromatics, keeping the conversion constant at 10%. This conversion
level was achieved by either addition of ethane, addition of ethylene, or by changing the
flow rate and consequently space-velocity without any addition of Co. The selectivity data
at 10% conversion of hydrocarbon in the feed stream, assuming full conversion of the
added C: species, are obtained by interpolation as presented in the supporting
information, Figure S 3.1 and Figure S 3.2. It is assumed that the added C2 compounds are
completely converted whereas any ethane and ethylene detected in the product is assigned
to formation in the reactor. In Figure 3.5, data are interpolated to 10% conversion of
hydrocarbons in the feed stream including full conversion of the added C2 compounds.
Figure S 3.5 in SI presents the same type of analysis at 10% methane conversion,
disregarding the conversion of C2 compounds, resulting in very similar trends. Figure 3.5
shows that, within the error margin, the selectivity to the various product groups is
constant, independent of the method to enhance CH4 conversion to 10%, i.e. C2 addition
or decreasing space velocity. The formation of aromatic products is somewhat suppressed
when ethylene is added, as well as when a full-catalyst bed is used (S6). The product
distribution of all hydrocarbon products is given in Figure S 3.4.

72



Chapter 3

100%

80% A

Carbon toproduct selectivity
[ RN - \
S o o
X R =

o
R

v W > ¥ @ v @ v @ v Y >
= 3 > < = =4 = 3
) @ 5 ) s i

S0 S1 S1 post-heater ~ S3 S6

Figure 3.5: Product selectivity distribution for different methods of increasing methane
conversion, by ethane addition or ethylene addition to the reactant mixture or by
decreasing space velocity. The results have been linearly interpolated at 10% total
hydrocarbon conversion as explained in the experimental section. Similarly, selectivity is
also calculated based on total hydrocarbon conversion. reactor-zone at 1000°C; Pre-heater
and post-heater are both at 400°C, except for the S1-post-heater in that case
Tpost-heater=1000°C. The total flowrate for the cases with ethane or ethylene addition is 16.6
ml-min-! 90% CHa, N2 as balance. The graphs used for the interpolation can be found in
Figure S 3.1 and Figure S 3.2.

Figure 3.6 shows the product yield to the three main product groups as function of
conversion obtained with the small catalysts bed (S1) with and without the post-heater at
high temperature, as a result of adding ethane (Figure 3.6a) and ethylene (Figure 3.6b). C2
yield and Cs-syield are independent of the use of the post-heater, in contrast the aromatics

yield which increased when using the post-heater.
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Figure 3.6: Effect on product yield when using the post-heater in the S1 case, (a) ethane,
(b) ethylene; 90% CH4 N2 balance; 16.6 ml-min-! total flowrate. Reactor-zone at 1000°C,
pre-heater and post-heater at 400°C, except for S1 post-heater having Tpost-heater at 1000°C.

3.4 Discussion

3.4.1 Addition of ethane

Methane conversion is significantly increased on ethane addition, apparent from Figure
3.2a and b. The explanation for this significant enhancement in methane conversion is
found in the studies of Roscoe and Thompson[26] as well as Dean[27] and schematically
presented in Figure 3.7. Formation of higher hydrocarbons from ethane, via ethyl radicals,
releases hydrogen radicals which react with methane according to CH, + H - = CH;3 - +H,,
which is the dominant reaction for activation of methane. The methyl radicals react to
ethane, which maintains the cycle in Figure 3.7, known as methane auto-catalysis [26, 27].
In the presence of catalyst, methyl radicals form on the Fe active sites while the hydrogen
atoms stay on the active site, to combine to form di-hydrogen, according to DFT
calculations [19, 24].

74



Chapter 3

Figure 3.7: proposed reaction paths for methane activation and product formation, based
on [26, 27].

A similar enhancement in methane conversion is also observed in non-catalytic operation
in literature [28-30]. Germain et al. [29] and Rokstad et al.[30] observed a decreasing
effectiveness of ethane addition on methane conversion when the ethane concentration is
above 2% in absence of catalyst, very similar to the observation with catalyst in Figure
3.2b, which Germain attributed to scavenging of free radical by formed aromatic species.

The catalyst has no effect on methane conversion at ethane concentrations above 2%. This
shows that ethyl radicals and consequently H radicals mainly form in gas phase whereas
catalytic ethane activation is negligible. This is further supported by the linear correlation
between the enhancement of methane conversion due to ethane addition and the free
volume available in the reactor, as shown in Figure 3.2d, as well as by the observation that
a large amount of catalyst reduces the ethane conversion, as shown in Figure 3.3a.
Methane conversion is not influenced by the presence of catalyst when at least 2% ethane
is added, as shown in Figure 3b. Apparently, enhancement of methane conversion on the
catalyst is compensated by a decrease is methane conversion by decreasing the free volume

when catalyst is introduced.

Figure 3.4 shows that the increase in methane conversion due to an extended post-catalytic
residence time, discussed in chapter 2, is also observed when adding ethane, although
the effect is relatively mild when compared with the 5-fold enhancement in absence of
ethane. The activity for methane conversion without C2 addition in the post-catalytic free-
volume, as discussed in chapter 2, is attributed largely to C2 hydrocarbon formation via

catalytic methane activation.

The selectivity distribution over the main product groups at 10% conversion of
hydrocarbons in the feed in Figure 3.5 is obtained by interpolation, based on the data in
Figure S 3.1 and Figure S 3.2 in the supporting information. The selectivity to ethane is
included by assuming that the ethane in the feed is completely converted, as observed in

Figure 3.3a especially when the concentration of ethane added is high. The relatively small
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amount of ethane in the product stream is therefore counted as a product. Figure S 3.4
shows the selectivity for all hydrocarbon compounds detected. Product selectivity at 10%
conversion level is independent from the method applied to achieve 10% conversion, i.e.
catalytic or by ethane addition (Figure 3.5). Figure 3.5 shows that the total hydrocarbon
selectivity decreases with increasing the amount of catalyst (S3, S6) in presence of ethane,
probably because of the increased formation of coke-on-catalyst with increasing catalyst
amount as observed in Figure S 3.7. The observed influence of the amount of catalyst on
coke formation on the catalyst is well in line with findings in chapter 2. The highest total
hydrocarbon selectivity is achieved using the post-heater, in which the 10% conversion
level is achieved via a significantly increased residence time at 1000°C, rather than via
addition of Co.

The invariance of the product selectivity of C2 addition is also reported by Ogihara et al.
[31] for non-catalytic pyrolysis of mixtures of ethane-methane between 700 and 800°C.
The results in the supporting information of Guo et al. [19] confirm that product
selectivity is unaffected by CoHs addition, in good agreement with our results. Aromatic
products dominate when the conversion is high by adding more C2 as shown in Figure 3.6,
which also shows that product yield is mainly determined by the conversion level. The
main C2 specie measured at high conversion levels is ethylene whereas benzene and
naphthalene are the dominant aromatic species (Figure S 3.3), in agreement with the

observations by Guo et al. [19] at high conversion.

3.4.2 Addition of ethylene

Ethylene has a very similar effect on methane conversion as ethane, shown in Figure 3.2¢
and even better exemplified in Figure 3.4 as the effects of ethane and ethylene are the same
within experimental error. This is in agreement with Roscoe and Thompson [26] as well
as Dean [27], reporting that ethylene participates in methane activation in the same way
as ethane. Ethylene causes a slightly higher methane conversion compared to ethane when
operating with a long post-catalytic residence time as presented in Figure 5. This is
speculatively attributed to the higher thermal stability of ethylene compared to ethane
[35], releasing radicals in a more dosed manner, continuing in the post-heater at relatively
long residence times. In contrast, ethane is likely to decompose more readily, forming
radicals only in the first part of the reactor and increasing the probability of unproductive
termination by coupling of two hydrogen radicals to form Ho. It must also be noted that
likely a significant fraction of ethane dehydrogenates to ethylene, giving an alternative

explanation for the similarity in effectiveness between ethylene and ethane addition.

C2 compounds can consecutively dehydrogenate, from ethane via ethylene to acetylene to
finally coke [36, 37]. C2Hs- radical formed from ethane can release a hydrogen radical to
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form ethylene, in addition to the pathways presented in Figure 3.7. Furthermore, ethylene
can decompose to C2Hs- via hydrogen abstraction by a methyl radical, followed by a similar
cycle as described for ethane in Figure 3.7. These consecutive dehydrogenation reactions
consume one methyl radical and form one hydrogen radical and thus have no net impact
on the free radical propagation [26, 27].

Note that ethane and ethylene need to react to form higher hydrocarbons in order to
propagate the cycle in Figure 3.7, limiting the maximum C2 yield when CH4 activation via
gas phase autocatalysis is dominant. The auto-catalytic activation of methane will be

discussed in more detail in chapter 5.

Based on the similarity of the effect of ethane and ethylene on the conversion of methane
and the fact that ethane converts almost completely, we assume that also all added
ethylene is converted. In other words, the limited ethylene conversion in Figure 4b is
attributed to production of ethylene as a result of methane conversion and the product
distribution presented in Figure 3.5 is calculated based on the same assumption. Figure
3.5 as well as Figure S 3.4 show that ethylene addition has no significant effect on the
product distribution at 10% conversion, similar to ethane addition. Increasing the
methane conversion by ethylene addition results in slightly lower selectivity to aromatics
(Figure 3.5), which is attributed to enhanced consecutive formation of deposits-

downstream.

3.4.3 Industrial relevance

Addition of C2 significantly increases the methane conversion rate in the reactor (Figure
3.2) while maintaining product selectivity (Figure 3.5), thus increasing productivity per
unit reactor volume. C2:+ hydrocarbons are often present in natural gas with typical
concentrations similar to the concentrations used in this study, for example Gulf-coast
natural gas contains up to 4.9 vol% C2 hydrocarbons [1] (details in Table S 3.1). Our study
implies that removal of ethane from natural gas is not required, simplifying the
purification of natural gas. The catalyst becomes obsolete at C2 concentrations above 2
vol% as shown in Figure 3.2. Thus, the reaction can be operated at high productivity
without requiring a catalyst, simplifying the reactor design and operation. Deposit build-
up on the catalyst can be prevented and catalyst purchasing, handling, disposal and plant-
stops for catalyst replacement are all not required. Rapid control of reactor capacity would

be possible by tuning the concentration of the C2 initiator in the reactor feed.
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Figure 3.8: Basic schematic concept process for natural gas to aromatics based on NOCM

including Ca recycle.

Overall ethylene conversion is typically low or even negative, meaning net-production at
high methane conversion levels as shown in Figure 4b. Ethylene can be recycled back into
the reactor, to generate a process with a net-zero consumption of ethylene, as presented in
the schematic process diagram in Figure 3.8. In this scheme, the aromatic products are
separated from the olefins, which are recycled back to the reactor, after separation of
hydrogen. Figure S 3.3 in the supporting information shows that the yields of ethane as
well as Cs-s hydrocarbons becomes negligible at high methane conversion levels. The
activity increase in the reactor can be achieved both by recycled ethylene as well as ethane
in the feed. Figure 3.3b shows that overall ethylene conversion is positive at higher added
ethylene concentrations and negative, i.e. net-production, at lower ethylene
concentrations, demonstrating an internal feedback-loop that will prevent both ethylene
accumulation as well as depletion in the process. This results in a process converting
methane to aromatics, also alleviating the energy intensive cryogenic recovery of ethylene.
The highest single pass methane conversion achieved in this paper, 25%, with 16%
aromatics yield is already higher than benchmark performance of MDA, around 15%
conversion and 11% aromatics yield [16]. On the other hand, it must be noted that the
main product is naphthalene compared to more valuable benzene produced in the MDA
reaction and additional conversion might be required. Also, this scheme is obviously not

producing any ethylene as originally targeted with methane pyrolysis.
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3.5 Conclusions

The effect of C2 addition on non-oxidative methane coupling at high temperature was
investigated. Addition of ethane and ethylene (C2) up to 6 vol-% in methane significantly
increases methane conversion during both catatlytic as wel as non-catatytic NOCM. The
activation of methane through C: addition is a dominated by homogenous gas-phase
reaction and catalytic ethane or ethylene conversion is negligable. Product selectivity at
constant conversion is unaffected by C2 addition and is influenced by catalyst amount and
residence time in the hot zone of the reator, both within and downstream of the catalyst
bed, in line with our previuous work. The catalyst has no effect on methane conversion at
C2 concentrations above 2%, showing that an optimal reaction design involves either no
catalyst at all or a minimal amount of catalyst. The catalyst is needed to initiate methane
coupling via radical chain reactions only when less then 2 vol-% of ethene or ethylene are
present in the feed. C2 addition during NOCM significantly increases productivity and
allows simplification of purification of the reactor-feed. A process design is envisioned in
which the produced ethylene is recycled back into the reactor to iniate the methane

conversion, resulting in a process converting methane to aromatics.
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3.7 Supporting Information

3.7.1 Product distribution as function of conversion level and product
yield distribution when using the post-heater

Figure S 3.1 and Figure S 3.2 show the measured selectivity data as function of

hydrocarbon conversion used for the interpolation of Figure 3.5 in the main text.
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Figure S 3.1: Selectivity distribution over major product groups as function of hydrocarbon
conversion level, used to interpolate the data shown in Figure 3.5 and Figure S 3.4, (a) a
blank reactor, SO, (b) S1, (c¢) S3, (d) S6, 90% CH4 N2 balance; 16.6 ml-min-! total flowrate.
Reactor-zone at 1000°C, pre-heater and post-heater at 400°C.
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Figure S 3.2: Selectivity distribution over major product groups as function of hydrocarbon
conversion level for employing the post-heater compared to the S1 case without post-
heater (shown in Figure S 3.1), for (a) ethane and (b) ethylene addition used to interpolate
the data shown in Figure 3.5 and Figure S 3.4, 90% CH4 N2 balance; 16.6 ml-min-! total
flowrate. Reactor-zone at 1000°C, pre-heater and post-heater at 1000°C.

Figure S 3.3 shows the product yield distribution over all measured hydrocarbons when
increasing the post-catalytic residence time by employing the post-heater. The same data

presented in product groups is shown in Figure 3.6 in the main text.
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Figure S 3.3: Product yield distribution as function of the volume of C2 added to the
reactant mixture for the S1 case including post-heater (a) ethane and (b) ethylene addition,
90% CH4 N2 balance; 16.6 ml-min-!total flowrate. Reactor-zone at 1000°C, pre-heater and
post-heater at 1000°C.
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3.7.2 S.2 Product distribution per individual hydrocarbon at 10% total HC
conversion

Figure S 3.4 is a copy of Figure 3.5 in the main text, split out over all measured
hydrocarbon products, rather than the grouped presentation in Figure 3.5. Figure S 3.5
and Figure S 3.6 show the same information as Figure 3.5 but calculated in a different
fashion. Figure S 3.5 is interpolated at 10% methane conversion rather than the 10%
conversion of fed-hydrocarbons in Figure 3.5. Figure S 3.6 is calculated assuming partial
conversion of the added C2 compound, at 10% added hydrocarbon conversion.
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Figure S 3.4: Product selectivity distribution for different methods of increasing methane
conversion, by ethane addition or ethylene addition to the reactant mixture or by
decreasing space velocity. The results have been linearly interpolated at 10% total
hydrocarbon conversion as explained in the experimental section, Similarly selectivity is
also calculated based on total hydrocarbon conversion. reactor-zone at 1000°C; Pre-heater
and post-heater are both at 400°C, except for the S1 post-heater in that case
Tpostheater=1000°C. The total flowrate for the cases with ethane or ethylene addition is 16.6
ml-min-! 90% CHa, N2 as balance. The graphs used for the interpolation can be found in
Figure S 3.1 and Figure S 3.2.
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Figure S 3.5: Product selectivity distribution for different methods of increasing methane
conversion, by ethane addition or ethylene addition to the reactant mixture or by
decreasing space velocity. The results have been linearly interpolated at 10% CHa
conversion, selectivity is calculated based on total hydrocarbon conversion. reactor-zone
at 1000°C; Pre-heater and post-heater are both at 400°C, except for the S1 post-heater in
that case Tpostheater=1000°C. The total flowrate for the cases with ethane or ethylene
addition is 16.6 ml-min-! 90% CHa4, N> as balance.
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Figure S 3.6: Product selectivity distribution for different methods of increasing methane
conversion, by ethane addition or ethylene addition to the reactant mixture or by
decreasing space velocity. The results have been linearly interpolated at 10% hydrocarbon
conversion, based on the partial conversion of methane (Figure 3.2) and the partial
conversion of the added C2 molecule (Figure 3.3), selectivity is calculated based on
hydrocarbon conversion discussed before. Note that this means that there is no ethane
selectivity in case ethane is added and no ethylene selectivity when ethylene is added; the
exception to this is the S1-post-heater case with ethane, since as Figure 3.3b shows, it has
a negative ethylene conversion and thus a selectivity can be calculated. reactor-zone at
1000°C; Pre-heater and post-heater are both at 400°C, except for the S1 post-heater in
that case Tpostheater=1000°C. The total flowrate for the cases with ethane or ethylene
addition is 16.6 ml-min-! 90% CHa, N2 as balance.
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3.7.3 S.3 Deposit formation and mass balance analysis

Figure S 3.7 shows the integral product yields of both coke-on-catalyst and deposits-
downstream during a full experiment in which the concentration of added C2 addition was
varied between 0 and 2%. Coke-on-catalyst is measured with TGA and the formation of
deposits-downstream of the catalyst is calculated based on the mass-balance. The
experiment consists of the standard activation procedure as described in the experimental
section and by Bao pers. commun. [32], followed by 2h of reaction using 90% CH4 in N2
without any addition of Co. After that, the catalyst is exposed to three different C2
concentrations (0.8-1.5-2.1 for C2He and 1.0-1.7-2.5 for C2H4) during 4 hours in total,
keeping the total flowrate at 16.6 ml-min! and the methane concentration at 90%.
Consequently, the catalyst is exposed to methane during 8h in total. There is no difference
in coke-formation on the catalyst when adding either ethane or ethylene, shown in Figure
S 3.7a. Coke-on-catalyst formation increases more relative to the increase in catalyst mass
added, showing the higher coking rates further downstream in the catalyst, as discussed
in chapter 2. Overall, ethane addition results in a lower deposits-downstream yield, as

shown in Figure S 3.7b.

Coke-on-catalyst as well as deposits-downstream are calculated according to the following
equations: The total carbon-to-products selectivity is the summation of the selectivity to

all GC-measured products.

Sc =XS¢,m, Eq.1
Sc:total carbon to products selectivity (=)

Integral values of conversion, selectivity and coke deposition are calculated in order to
compare with data on the amount of deposits on the catalyst after a full experiment as
measured with TGA. Eq. 2 is used to calculate the total amount of carbon converted in the

full experiment:

t=14n Eq.2

1
Ceonverted CH, = f ¢CH4in : €CH4 ' v
m

t=0

¢y flow of x (ml-s™1)
Vs molar volume at SPT (ml - mol™1)

The total amount of carbon that is converted to deposits during an integral experiment is
calculated based on the difference in mass-balance closure as presented in Eq. 3:

t=8h 1 Eq. 3
Cdepusits—downstream = f ¢)CH4in : §CH4 (1-50) V_
=0 m

Deposits can form either on the catalyst, named ‘coke-on-catalyst’ or down-stream of the

catalyst-bed on the reactor-wall or in the tubing to the GC, named ‘deposits-downstream’.
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The amount of coke formed on the catalyst during a full experiment is also be calculated
based on the weight loss during oxidation of the spent catalyst in TGA, according to Eq. 4,
assuming coke-on-catalyst contains exclusively C:

Qcat Eq. 4
Ccoke—on—catalyst =AWrgy - %
C

M.:molar mass of carbon (g-mol™1)

AWrg,: the percentage of mass decrease in the TGA analysis (=)

Qcqr: amount of catalyst in the reactor (g)

Deposits-downstream include a wide array of poly aromatic hydrocarbons of Cio+ in
carbon number, as well as coke deposited on the reactor-wall downstream of the catalyst,

as presented in chapter 2.
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Figure S 3.7: (a) the yield of coke-on-catalyst during a complete experiment as described
in the text and (b) the yield of deposits formed downstream of the catalyst assuming a
closing mass balance. Reactor temperature 1000°C; pre-heater and post-heater operated
at 400°C; 90% CH4 in N2. Complete experiment during 8h, varying ethane or ethylene

concentration between 0 and 2.5%.
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3.7.4 S.4 The average composition of natural gas in the US Gulf-Coast

Table S 3.1: The composition of US gulf-coast natural gas according to [1].

Component Mole fraction (%) Trace Amount
components

N2 1.25 S-components | 5.5 mg-m=

CH4 91.01 H20 | <65 mg-m-3

C> 4.88 O2 | 0.01 mole%

Cs 1.69 CO2 | 0.01 mole%

Cs4 0.66

Cs 0.27

Cs 0.13

C7 and above 0.11
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Abstract

The effect of hydrogen addition on catalytic non-oxidative coupling of methane was
investigated. Experiments were performed at varying ratios between catalyst to post-
catalytic volume, to discern the effect of hydrogen on the catalytic reaction as well as the
gas-phase reaction. Hydrogen contributes solely in reducing gas-phase reaction rates. This
leads to halving the methane conversion at 10% H> addition, with little influence of the
ratio between catalyst and post-catalytic residence time. C» hydrocarbon yield is
unchanged by hydrogen addition up to 10 vol%, whereas aromatic selectivity is
significantly reduced. The reduction in product yield can be mainly attributed to a decrease
in methane conversion. Coke formation of the catalyst is reduced by an order of
magnitude, when dosing up to 10% Ha. These results allow to speculate on a process in
which produced hydrogen is recycled back into the reactor, to maximize the carbon
selectivity to C2 hydrocarbons, while minimizing both aromatics and, most crucially, coke

formation.
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4.1 Introduction

Methane is receiving a growing interest as chemical feedstock for the production of liquid
fuels and base chemical [1-3], such as olefins and aromatics. The traditional role of
methane rich natural gas for heating and electricity production is expected to be taken over
by renewable sources such as solar or wind [4-7], making natural gas available for
synthesis of chemicals. Most processes for methane valorisation to higher hydrocarbons
rely on steam reforming of methane to synthesis gas, followed by various processes to

produce paraffins, olefins or aromatics [8, 9].

Direct catalytic non-oxidative coupling of methane has seen a steep increase in interest
over the last decade [3, 10, 11]. The traditional methods for direct methane coupling,
namely oxidative coupling of methane (OCM) [12] and methane dehydroaromatization
(MDA) [13] suffer from low single pass conversions and low selectivity caused by
formation of CO2 and coke, respectively. In 2014 Guo et al. [14] reported coupling of
methane over a Fe©SiOz catalyst to a mix of olefins and aromatics at temperatures above
950°C. They reported single pass hydrocarbon yields as high as 48% at 1080°C, without
coke formation and long-term stability up to 60h. The absence of coke formation has since
only been reproduced by Sakbodin et al. [15], who tested the same catalyst in a hydrogen
permeable membrane reactor. Other sources report coke formation during methane
coupling using the Fe©SiO2 catalyst [16-19]. Han et al. [17] reported that the cristobalite
phase of the SiO2 as well as the atomically disperse nature of the iron sites is crucial for
minimizing coke formation. Chapter 2 as well as a SABIC patent [19] showed that coking
can be minimized by using the catalyst for only initiation by forming free-radicals, while
most of the CH4 conversion occurs in the post-catalytic volume. Furthermore, chapter 2
showed that rapid heating upstream of the catalyst bed, preventing gas phase methane

activation, also minimizes coking.

Research on non-catalytic direct coupling of methane, generally called methane pyrolysis,
surged in the 80s and 90s [20-25]. Most of these studies focussed on unravelling the free-
radical gas phase mechanism in direct methane coupling. Hydrogen is sometimes used as
co-reactant to slow down the free radical reactions and to prevent excessive deposit
formation [24, 26-29]. Guéret et al. [28] showed that hydrogen addition at ratios of
H2:CHa4 between 0.5 and 2 causes as significant decrease in methane conversion as well as
a decrease in both ethylene and acetylene dehydrogenation rates and also a decrease in the
cyclization to form benzene at 1330°C. They attribute all these effects to scavenging of CHs-
radicals. Olsvik et al. [29] investigated the effect of H2 addition at temperatures between
1200-1500°C, showing that hydrogen addition prevents excessive carbon formation.

Arutyunov reviewed a large set of data on methane pyrolysis, spanning from 1862 up to
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1990 [30], including the work of Germain et al. [31], who demonstrated that dilution of
methane by hydrogen significantly decreases the methane conversion rate whereas
dilution with nitrogen had no significant effect. In contrast, Kunugi et al. [32] showed that
addition of relatively small concentration of hydrogen, less than 20%, increases the
methane conversion rate at temperatures above 1300°C. Kim et al. [33] trained a neural
network with a large set of experimental data on methane pyrolysis, to determine the
optimum reaction conditions, namely pressure, temperature, flow-rate, H2 co-feeding,
reactor length and reactor diameter. Hydrogen was found to be a main determining factor
in methane conversion as well as Cq selectivity, the optimum hydrogen concentration was

calculated at 3.6 vol%, at a reaction temperature of 1200°C.

There is little data on the effect of hydrogen addition on the catalytic coupling of methane.
Sakbodin et al. [15] showed the effect of H2 addition up to 16.7% during catalytic methane
pyrolysis using Fe©SiO2 as catalyst. Methane conversion is roughly halved by the addition
of 9.1% H2 hydrogen, while the selectivity to C2 products increased significantly and
selectivity to aromatics decreased. Interestingly, C2 yield remains relatively unchanged,
whereas the aromatic yield drops significantly. Note that Sakbodin did not report on any

coke formation.

This study reports on the effect of hydrogen addition on catalytic non-oxidative coupling
of methane, including the formation of coke on the Fe©SiOz catalyst as well as formation
of deposit downstream of the catalyst bed. Furthermore, the effect of hydrogen addition
on the product slate will be shown varying the residence times at high temperature
downstream of the catalyst bed, revealing the contribution of gas phase radical reactions

after initiation on the catalyst.
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4.2 Experimental

4.2.1 Catalyst synthesis

The catalyst is synthesized according to the method described in [14], while details
concerning catalyst synthesis as well as characterisation can be found in chapter 2. In
short, in-house synthesized Fe2SiO4 is mixed with quartz and ball-milled in N2 atmosphere
overnight using a zirconia milling jar. The resulting powder is fused for 6h at 1700°C in
air. The resulting slab is crushed and sieved, the fraction between 250-500 um is used in
the experiments. The sieved catalyst particles are leached for 2h in 0.5 M HNOs, rinsed
and dried to obtain the final catalyst. The catalyst is analysed with both XRD and XRF,
showing the expected cristobalite crystal structure and 0.5 wt% Fe loading. For more

details concerning the catalyst characterisation, please refer to chapter 2.

4.2.2 Reactor setup

A modular three-zone oven, introduced in chapter 2, is used for catalytic testing. Each
zone is thermally insulated from the others and from the environment, allowing for steep
temperature gradients, as presented in Figure 2.1. The pre-heater is always operated at
400°C and the reactor-zone at 1000°C, the post-heater is either operated at 400°C or
1000°C, as shown by the two separate lines in Figure 2.1. Gas flows are controlled using
digital mass flow controllers. Product gasses are analysed using a 3 channel Varian
CP-3800 in-line gas chromatograph, the tubing between the reactor and the GC is heated
to 200°C to prevent hydrocarbon condensation. Further details concerning the reactor
setup can be found in chapter 2.

4.2.3 Experimental procedure

The experimental procedure is similar to that presented in chapter 2. The catalyst is
placed at the desired position in the quartz reactor according to Figure 4.1, held in position
by a small quartz wool plug. Three different catalyst positions are considered, in case 1 the
complete reactor-zone (Figure 4.1) is filled with catalyst, minimizing free-volume at
T>950°C. In both case 2 and 3 only the top 2 cm of the 6 cm reactor-zone is filled with
catalyst, in case 2 only the reactor-zone is at 1000°C, resulting in 0.5 ml free volume at
reaction-temperature, in case 3 the post-heater (Figure 4.1) is also heated to 1000°C,
resulting in 2.2 ml free volume at reaction temperature downstream of the catalyst. The
reactor is flushed for 10 minutes with 10 ml-min-! No. The catalyst is heated with
20°C-min-! to 900°C under 10 ml-min-! N2. The catalyst is then exposed to 90 vol% CH4 in
N2 at 1000 ml-gear!-h-! during two hours for activation, following the procedure of Bao

pers. commun. [34]. After activation, the reactor is flushed for 10 minutes at 900°C with
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N2 10 ml-min-!. The temperature is increased to 1000°C, with a heating rate 20°C-min-!
and the experiment is started by feeding 90 vol% CH4 balanced with N2. Hydrogen is added
while reducing the amount of nitrogen in the feed, to keep the methane concentration as
well as the total flowrate constant. The total space velocity was kept constant at 2440
ml-h-1gear! unless otherwise noted. At the end of an experiment the reactor is flushed for
10 minutes with N2 at 10 ml-min-!, after which the reactor ovens are turned off and left to
cool, maintaining the N2 flow while cooling. The catalyst is removed from the reactor at
the end of an experiment and analysed for coke deposition using TGA (Mettler Toledo
TGA/DSC 3+ Star System), heating the sample at 10°C-min-! to 1000°C in 1:1 air/Ar, for
more details refer to chapter 2. The online GC samples every 27 minutes and all data
points are based on at least 3 measurements in steady state conditions.

1 2 3
No 0.50 ml 2.18mil
Free T@downHT T@downHT
volume
)
o
n
i
= Jp
1
<)
e
®
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Figure 4.1 3 Positioning of the catalyst inside the 6 cm zone of oven segment 2. Case 1
operated with a catalyst bed height of 6 cm (820 mg), leaving no free volume at reaction
temperature; case 2 contains a 2 cm high bed (260 mg) at the top of the 6 cm reactor-zone;
case 3 is similar to situation 2, but with the post-heater at the same temperature as the

reactor-zone.
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Methane conversion is calculated according:

£ -1 PCH4out ' PNzin Eq.1
CH, —
* PCH4in ' PNzout

¢cu,: conversion of methane (—)
Py:partial pressure of compound X (bar)

Methane conversion is corrected for any change in the molar flow rate based on change in

the nitrogen tracer concentration according Eq. 1 [14, 35].

Selectivity is calculated on molar carbon base, corrected for any change in the molar flow
rates based on the concentration of the N2 tracer, Eq. 2 [14, 35], adjusting for
stoichiometry.

X Peon,  Pryin Eq.2

Sc,n, =
* Pnyout * Pchyim — Pryin " Penyout

Sc,hy: selectivity towards CyH,, hydrocarbon (=), x refering to the carbon number

The total carbon-to-products-selectivity is the summation of selectivity to all products, as
shown in Eq. 3.

Sc =XS¢,n, Eq.3
Sc:total carbon to products selectivity (—)

Integral calculations of conversion, selectivity and coke deposition are made in order to
compare with data on the amount of deposits on the catalyst as measured with TGA. Eq. 4
calculates the total amount of carbon converted in the full experiment:

t=14h 1 Eq. 4

Ceonvertea CH, = f ¢CH4in ' ’SCH4 ' V_
m

t=0
¢x: flow of x (ml-s™1)

V,.: molar volume at SPT (ml - mol™1)

The total amount of carbon that is converted to deposits during an integral experiment is

calculated based on the difference in mass-balance closure as presented in Eq. 5:

t=14h Eq.5

1
Ceotalin products = f ¢CH4in ' fCH4 (1-5) .V
m

=0
Deposits can form either on the catalyst, named ‘coke-on-catalyst’ or down-stream of the
catalyst-bed on the reactor-wall or in the tracing leading up to the GC, named ‘deposits-
downstream’. The amount of coke formed on the catalyst during a full experiment is
calculated based on the weight loss during oxidation of the spent catalyst in TGA,

according Eq. 6, assuming that the deposits contain exclusively C:
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c — AW, Qcat Eq. 6
deposits on catalyst — TGA M
C

Mc:molar mass of carbon (g - mol™1)

AWy a: the percentage of mass lost in the TGA analysis (—)

Qcqr: amount of catalyst loaded in the reactor (g)

The remaining gap in the mass balance is attributed to formation of ‘deposit’ in the system
downstream of the catalyst bed. Deposits include a wide array of poly aromatic
hydrocarbons of Cio+ in carbon number, as well as coke deposited on the reactor-wall

downstream of the catalyst, as presented in chapter 2.
4.3 Results

Figure 4.2 shows the effect of dosing up to 10% hydrogen into the reactant mixture for the
3 different cases of operating the reactor, as shown in Figure 4.1. Note that Figure 4.2a
and b show the same way of loading the reactor, but at different space velocity. Figure 4.2a
presents results obtained with the same space velocity as used for (c) and (d), i.e. the
flowrate for (b) and (c) was decreased with a factor 3. The result reported in Figure 4.2b
was obtained with the same lower flowrate. For a detailed breakup of the product
selectivity please refer to Figure S 4.1. As a general trend the total carbon-to-products-
selectivity increases significantly when dosing small amounts of hydrogen, while at the
same time methane conversion significantly decreases. The selectivity of C2 hydrocarbons
increases most significantly on H2 addition. The carbon to product selectivity increases
most in case a full catalyst bed was used, i.e. case 1 Figure 4.2a and b. A full catalyst bed
causes a low aromatics selectivity, but the selectivity to aromatics increases significantly
on increasing the post-catalytic volume, i.e. case 2 and 3 Figure 4.2c and d, in accordance
with chapter 2. The addition of hydrogen causes a significant decrease in aromatic
selectivity in the cases with significant post-catalytic volume as shown in Figure 4.2c and
d.
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Figure 4.2: Effect of hydrogen addition on methane conversion and carbon to product
selectivity, 90% CHa, N2 balance; reactor-zone at 1000°C and pre-heater at 400°C; (a) case
1, large catalyst bed, post-heater at 400°C, space velocity: 2440 ml-h-1gcat1, flowrate of 33.3
ml-min-!; (b) ) case 1, large catalyst bed, post-heater at 400°C, space velocity: 810
ml-h-1gea !, flowrate of 11.1 ml-min-!; (¢) case 2, small catalyst bed, post-heater at 400°C,
space velocity: 2440 ml-h-1gearl, flowrate of 11.1 ml-min-!; (d) case 3, small catalyst bed,
post-heater at 1000°C, space velocity: 2440 ml-h-!gcat!, flowrate of 11.1 ml-min-1.

Figure 4.3 shows the product yield distribution including the formation of deposits and
coke on the catalyst for experiments with a small catalyst bed. Figure 4.3a presents results
obtained with a small catalyst bed without post-heater (case 2 in Figure 4.1),
corresponding to the results in Figure 4.2c. Figure 4.3b presents case 3 from Figure 4.1,
corresponding to Figure 4.2d. Measurements of 6h were conducted for every hydrogen
concentration of Figure 4.3a, in order to determine the quantity of coke-on-catalyst
formed during 6 hours at that hydrogen concentration via TGA. It is assumed that the
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quantity of coke is also valid for Figure 4.3b, since both measurements are identical with
respect to the catalyst bed, the only difference being the use of the post-heater. This
assumption is further supported by the observation of very similar coke quantities after
two experiments in which hydrogen concentration was varied, as reported in Figure 4.2.
This assumption is further supported by the observation that the amount of coke on
catalyst formed is very similar, as determined with TGA, during the experiment in Figure
4.2¢ and Figure 4.2d, respectively without and with post-heater, resulting in in 8.58 and
8.35 mg coke on catalyst respectively. The formation of deposits-downstream in Figure 4.3
is estimated based on the mass-balance. Hydrogen addition causes a decrease in yield of
all products. The decrease is more significant for products with a higher carbon number,
being most significant for coke formation on the catalyst. The decrease in C2 hydrocarbon
yield is very small over the range from 0-10% H> addition.

Reductive coke removal was attempted in a separate experiment, by first coking the
catalyst at severe conditions followed by subjecting it to a pure hydrogen flow. Coke
removal at reaction conditions (i.e. 1000°C, 1 atmosphere) proved impossible, due to
kinetic constrains in absence of a hydrogenation catalyst [2].
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Figure 4.3: Effect of hydrogen addition on C-yield distribution over hydrocarbon products,
coke-on-catalyst (TGA basis) and deposits-downstream of the catalyst (based on the mass
balance); reactor-zone at 1000°C, pre-heater at 400°C, space velocity: 2440 ml-h-1gearl; (a)
case 2 with small catalyst bed and post-heater at 400°C; (b) case 3 with small catalyst bed
with post-heater at 1000°C.
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4.4 Discussion

Methane conversion is significantly reduced when hydrogen is added to the reactant
mixture. Figure 4.4 shows that the relative decrease in methane conversion is slightly
larger in the case of a full catalyst bed, i.e. case 1 and smaller in case of an extended free-
volume residence time, i.e. case 3. On the other hand, the differences between the three
cases is not very large, suggesting that the effect of hydrogen is mainly a gas phase
phenomenon. Similar observations were made by Germain and Vaniscotte [30, 31] as well
as Guéret and Billaud [28] in absence of catalyst, attributing the reduction in methane
conversion to scavenging of the formed CHs: radicals by hydrogen. The larger effect of
hydrogen on case 1, i.e. a full catalyst bed, is likely due to the fast scavenging of the methyl
radicals desorbing from the catalyst surface. The observed 50% decrease of methane
conversion by adding typically 7.5% to 10% hydrogen, depending on the case (Figure 4.4),
is in line with observations by Sakbodin et al. [15].

1

0.5 1

—m-Case 1 2440 ml'h'g 1L

—o—Casel 810 mlhlg., !
“Case 2

-—&--Case 3 .

0% 5% 10%

Normalised CH4 conversion

H> addition

Figure 4.4: The normalized reduction in methane conversion as function of H» addition

presented in Figure 4.2.

The selectivity distribution shifts strongly towards C2 hydrocarbons when dosing
hydrogen. As conversion decreases, this results in constant C yields as shown in Figure
4.3, in agreement with Sakbodin et al. [15]. The selectivity towards Cs.5 hydrocarbons
remains unchanged on hydrogen addition, while selectivity to aromatics decreases. Figure
4.5 compares the selectivity distribution as function of methane conversion, when adding
hydrogen in this work, with the effect of conversion when changing methane conversion
via the space-velocity, as presented in chapter 2. The change in selectivity when adding

hydrogen is within experimental error identical to the change in selectivity when changing
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conversion via the space velocity. This signifies that the change in product distribution on
hydrogen addition is mainly a consequence of the lower methane conversion level. This is
different from the results of Guéret and Billaud [28], reporting that the scavenging of the
formed CHs- radicals reduces all reaction rates involving these radicals, which would
results in stabilization of C2H4 and slowing down the coupling reaction of C2H2 to C4 and
Ce hydrocarbons. The difference is probably due to the higher temperature and H» partial
pressure used in their work, 1300°C and 33-66 vol% Ha2 respectively.
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Figure 4.5: Selectivity distribution over major product groups as function of methane
conversion, varying methane conversion via either hydrogen addition or space velocity
increase. All data on the effect space velocity change without hydrogen addition have been
adopted from chapter 2. Reactor-zone at 1000°C, pre-heater at 400°C; (a) case 1 with
large catalyst bed at both space velocities (2440 ml-h-1gca ! and 810 ml-h-1ger!), post-
heater at 400°C with hydrogen addition between 0-7.4 vol% and space velocity variation
between 4060-240 ml-h-1gcar! without hydrogen addition; (b) case 2, small catalyst bed,
post-heater at 400°C, space velocity 2440 ml-h-1gc! with hydrogen addition between

104



Chapter 4

0-9.9 vol% and space velocity between 13200 — 800 ml-h-1gcar! without hydrogen addition;
(c) case 3, small catalyst bed, post-heater at 1000°C, space velocity of 2440 ml-h-1gcar! with
hydrogen addition between 0-9.9 vol% and without hydrogen addition at a fixed space
velocity of 4000 ml-h-1gear 1.

Hydrogen addition significantly reduces formation of coke on the catalyst, up to an order
a magnitude at 10% hydrogen addition, as shown in Figure 4.3. Coke formation on the
catalyst requires deep dehydrogenation of precursors, e.g. acetylene and aromatics [36],
which is suppressed by increasing the hydrogen pressure. Deposit formation downstream
of the catalyst, estimated based on the mass balance (Figure 4.3), decreases in a similar
fashion. The coke formed on the catalyst cannot not be removed with hydrogen at reaction
temperatures. Thus, the decrease in amount of coke on catalyst is caused by suppression
of formation. Unfortunately, no data are available on coke-on-catalyst formation at a fixed
space velocity and temperature, as these data were measured for chapter 2, where these

conditions were varied during the experiments.

Hydrogen addition can be a potent tool to control coke formation while maintaining C2
yield in non-oxidative coupling of methane. Hydrogen is a product of the NOCM reaction
and can thus be recycled back into the reactor, which would also simplify hydrogen
purification. Hydrogen recycling can thus be highly valuable for designing a non-oxidative

route for direct ethylene synthesis from methane, maximizing carbon utilization.
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4.5 Conclusions

The effect of hydrogen addition on coke formation and product distribution in direct
catalytic coupling of methane to higher hydrocarbons was investigated. Variation in post-
catalytic residence time was used to discern the effect on both catalytic as well as gas-phase
reactions. It was found that hydrogen addition up 10% in the reactor feed, when operating
the reactor at 1000°C, decreases methane conversion by a factor 2. This decrease in
methane conversion is dominated by reactions in gas phase, caused by methyl radical
scavenging by the added hydrogen. The total hydrocarbon selectivity increases
significantly, although this phenomenon can be largely attributed to the decrease in
methane conversion level. The addition of hydrogen also decreases the selectivity to
deposits downstream of the catalyst by a factor of two while formation of coke on the
catalyst decreases one order of magnitude. The yield of light olefins remained unaffected
by addition of hydrogen, opening a pathway to a process running at high olefins yields
while minimizing formation of coke on the catalyst, deposits downstream of the catalyst

as well as higher aromatic products.
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4.7 Supporting Information

4.7.1 Detailed product distribution
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Figure S 4.1: (a) carbon to product selectivity and methane conversion when dosing small
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400°C; post-heater at 400°C for (a), (b) and (c), and 1000°C for (d); (a) and (b) present
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Abstract

The experimentally observed interplay between catalytic activation of methane on
Fe©SiO2 and gas-phase free radical methane coupling at non-oxidative conditions is
analysed by mechanistic modelling as well as by experimentation. For the modelling, an
off-the shelf gas-phase model, AramcoMech 3.0, was used unaltered to keep the number
of adjustable parameters as low as possible. It was complemented by surface reactions
specifically accounting for methane activation to methyl radicals. The model was validated
against an independent set of experimental data and exhibited good accordance. The
results provided strong evidence that the Fe©SiO2 catalyst is only involved in methane
activation and not in its coupling. The model accurately captured the significant
contribution of gas-phase methane conversion observed in the post-catalytic zone,
indicative of gas-phase autocatalytic methane coupling. The low-activity induction period
in gas-phase methane pyrolysis can effectively be overcome by adequate catalytic
activation. Simulations demonstrated that the optimum catalytic conversion roughly
amounts to 4% at 1000°C and 1 atm. An equivalent effect can be reached by adding 2% of
ethane or ethylene to the feed. Detailed reaction-path analyses were employed to
corroborate these phenomena. Gas-phase reactions were found to be very rapid at 1000°C,
hence determining the product selectivity, without impact from either catalyst or C2
hydrocarbon addition.
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5.1 Introduction

Natural gas, consisting for 75-99% of methane depending on its origin [1], is considered a
strategically useful source for C2+ hydrocarbon production [2]. The large quantity of
proven natural gas reserves [3] combined with the expected decrease in crude oil
production [4] leads to the prediction that natural gas will supersede crude oil as the main
source of olefins and aromatics in the 21st century [5]. Industrial processes are already
operated at large scale for the synthesis of fuels and base chemicals, e.g., by the Fischer-
Tropsch [6] and methanol-to-olefins [7] reactions. These processes all involve multiple
conversion steps, starting with methane steam reforming for synthesis gas (CO and H>)
production [8] and are only viable at large installed capacities [9]. Direct methane coupling
to higher hydrocarbons has therefore been a highly researched topic in the chemical
community for over a century [10, 11].

Early research focused on non-catalytic conversion of methane at high temperatures [10,
12], i.e. ‘methane pyrolysis’. The main drawbacks of methane pyrolysis are these high
operation temperatures (950-1700°C) and/or long residence times (6-15s @ 1000°C)
required to achieve significant methane conversion [10, 13]. These challenges stem from
the high thermal stability of methane [14] as well as the pronounced endothermicity of the
dehydrogenative coupling reactions [15]. Another important issue in methane pyrolysis is
the significant carbon deposition at high methane conversion [16-18]. Starting in the
1970s, a tremendous effort was made to understand the highly complex free radical
reactions involved in methane pyrolysis. Chen et al. [19, 20] reported on the reactions
responsible for the formation of the primary product, ethane, and secondary product,
ethylene. Their model showed great compliance with experimental data at low methane
conversion. Roscoe and Thompson continued this investigation [21] and were the first to
propose a mechanism explaining the autocatalysis phenomenon, in which the methane
conversion rate increases sharply after a so-called induction period. These authors
attributed this phenomenon to the coupling reaction involving ethylene, acetylene and
hydrocarbons with more than two C-atoms. This model was further developed by Dean
[22], who showed the importance of the reversibility of the reactions proposed by Roscoe
and Thompson [21]. This work was continued in the 90s by the research group of Holmen
[15, 23-25] as well by Billaud and Guéret [14, 26-29]. The culmination of this work has
been summarized in a model by Matheu et al. [30], which gave extra attention to the
contributions of propyne, allene and fulvene in the autocatalytic cycle. Oxidative coupling
of methane (OCM) [31, 32] as well as methane dehydroaromatization (MDA) [33, 34] offer
alternative ways to overcome the challenges encountered in methane pyrolysis. Although
the product yield and single pass conversion in these processes are still too low for
industrial relevance.
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In 2014, Guo et al. [35] reported a Fe/SiO2 catalyst capable of coupling methane non-
oxidatively to ethylene and aromatics at temperatures above 950°C. This catalyst is
referred to as Fe©SiO2 to denote the lattice confined single atom nature of the iron. Most
crucially, these authors reported the absence of coke formation, even at high methane
conversion (48%), and catalyst stability during up to 60h. These performance figures
proved difficult to reproduce [36-40], nevertheless these latter publications contributed to
better understanding of the catalytic system. The sole function of the Fe©SiO2 catalyst in
the overall reaction mechanism is the formation of CHs- radicals, while all other reactions,
including the coupling reaction, occur in the gas-phase [35]. Another DFT study by Kim et
al. [39] confirms this assessment, although these authors propose that direct acetylene
formation on the catalyst is theoretically also possible. Liu et al. [41] propose that C-C
coupling to directly form ethylene can occur on the Fe©SiO: catalyst. The work by
Toraman et al. [42], for the first time, combined a detailed surface mechanism with an
extensive propene pyrolysis gas-phase model from Wang et al. [43] to elucidate the
interplay between heterogeneously catalysed and gas-phase reactions. These authors
propose that the Fe©SiO2 catalyst predominantly forms ethylene, with catalytic CHs-
radical generation playing only a minor role. Thus far no experimental evidence has been

provided to prove either the catalytic CHs- or C2H4 formation hypothesis.

The significance of gas-phase reactions was experimentally validated in chapters 2-4 as
well as in a patent filed by SABIC [44]. It was shown that the catalyst is exclusively required
for initiation of the coupling reaction, after which post-catalytic residence time is the
predominant factor in propagating the coupling reaction, leading to significant methane
conversion in gas-phase. A long residence time inside the catalyst bed and residence time
at reaction temperature upstream of the catalyst bed were both detrimental to the total
hydrocarbon selectivity, enhancing formation of deposits, without significantly increasing
methane conversion. The addition of ethane and ethylene can significantly increase the
methane conversion rate [45, 46] as discussed in chapter 3.

The present work provides a quantitative assessment of the interplay between the
initiation of the reaction on the Fe©SiO2 catalyst and the subsequent gas-phase coupling
reactions, focusing for the first time on catalytic CHs- radical generation via an in-house
developed microkinetic model in combination with an existing gas-phase microkinetic
model. Emphasis is put on the impact of the catalytic reactions on the rate of gas-phase
reactions, involving a detailed quantification of catalytic initiation and gas-phase
propagation of the NOCM reaction. Reaction-path analysis is used to explain the
experimental product distribution. The model is used to maximize reactor productivity by
optimizing the catalyst-free volume and catalyst contact time. Lastly, the effect of addition

of ethane and ethylene on the methane coupling reaction is elucidated.

116



Chapter 5

5.2 Methodology

5.2.1 Catalyst synthesis

The Fe©SiO2 catalyst is synthesized according to the method described by Guo et al. [35].
The Fe2SiO4 precursor was synthesized according to the method described by DeAngelis
et al. [47], which is then mixed with high purity quartz and milled overnight in a planetary
ball mill. The resulting powder is fused for 6h in air at 1700°C. The resulting slab is crushed
and sieved to the desired particle size and leached for 2h in 0.5M HNOs. Any further details
as well as catalyst characterization has been reported in chapter 2. Two particle size
fractions are used, namely 100-250 um and 250-500 pum. The data obtained with the 100-
250 um fraction is used for fitting of the model, see below, because it meets all criteria for
intrinsic kinetics measurements following the method described by Berger [48], i.e. mass
and heat transport are not limiting and ideal plug-flow behaviour is obtained. The 250-
500 pum fraction is used for validation and further analysis of the gas-phase-catalyst
interaction, because this is the fraction used in chapters 2-4. Note that 250-500 pm

fraction is predicted to have a slight radial temperature profile smaller than 3 K.

5.2.2 Kinetic measurements

Catalytic tests are carried out in a quartz tube, ID 4mm, which is placed in a 3-zone oven
with thermal insulation between each zone, described in detail in chapter 2. The catalyst
is inserted into the desired position in the quartz reactor, as displayed in Figure 5.1a. The
catalyst is held in place by small quartz wool plugs. The catalyst is first exposed to 90 vol%
CH4 in N2 at 1000 ml-gear!-h-! for two hours for activation purposes, following the
procedure of Bao pers. commun. [49], to carburize the active site forming a FeC2Si site
[35]. After activation, the temperature is increased to the desired reaction temperature, in
the range between 950°C and 1100°C. A blank measurement following the same procedure
as catalytic measurements was performed to ensure that the reactor is exposed to the same
pre-treatment prior to measuring. Blank measurements are performed in an empty reactor
tube, on similar note, the free volume presented in Figure 5.1a refers to gaseous volume.
No bed-diluent is used due to the activity of any surface area at reaction conditions [16,
38]. Product mixtures are analysed using a three-channel Varian CP3800 online gas
chromatograph (GC). Any further details concerning the setup, experimental procedures
and calculation methods can be found in chapter 2. The temperature profile considered

in the model is based on the measured temperature profile in the lab-setup (Figure S 5.1).
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Figure 5.1: (a) Three different catalyst loadings considered for the model: (1) a reactor-
zone completely filled with catalyst (820 mg), from now on called ‘F6’ fully filled for 6 cm;
(2) a medium catalyst bed (260 mg) at the top of the reactor-zone, named ‘T2’ top-filled 2
cm; (3) a medium catalyst bed (260 mg) at the bottom of the reactor zone, named ‘B2’
bottom-filled 2 cm. (b) the differentiation the reactor modelled by the four PFRs.

5.2.3 Model development

A top-down approach [50] has been chosen for the model development due to the system’s
complexity. Firstly, the physical description of the reactor is generated, due to the
significant impact of the temperature profile on the reaction as shown in chapter 2.
Afterwards the gas-phase model is selected based on its compliance with the blank
experiment and lastly the catalytic surface reactions are included.

Reactor model

ChemKin-Pro 2020 R2 was used to perform the calculations. The constructed reactor
model comprises four consecutive zones, simulated as plug-flow-reactors (PFR), see
Figure 5.1b. The first and last zones model the pre-heater and post-heater respectively and
exclusively consider gas-phase reactions. Zones 2 and 3 simulate the reactor-zone, by
splitting it into a part with catalyst where surface reactions contribute, and a part without
catalyst considering exclusively gas-phase reactions. The different catalyst positions
shown in Figure 5.1a can be accurately described in this way. The temperature profile
presented in (Figure S 5.1) was used as the temperature profile in the four zones, with a
discretization point every 1 cm, in order to account for reactions occurring during heating

and quenching of the gas stream.
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Gas-phase model

Five gas-phase models, available in literature, i.e. Matheu et al. [30], Aramcomech 3.0
[51], Nuigmech 1.1 [52], Gudiyella et al. [53] and Chu et al. [54] were evaluated based on
their compliance with the blank experiments (see supporting information S.2).
AramcoMech 3.0 [51] was chosen due to its accurate description of methane autocatalysis,
the accurate prediction of the product range as well as the trends in methane conversion

and product selectivity.

The two major shortcomings of the AramcoMech 3.0 model in reproducing the
experimental observations are situated in the ethylene selectivity, which is significantly
overpredicted, and in the selectivity towards the 2-ring aromatics, naphthalene and
indene. The overprediction of the ethylene is characteristic of the AramcoMech 3.0 model.
Concerning the 2-ring aromatics, the model seems to replace the naphthalene (C10Hs)
selectivity with indene (CoHs), which is actually not detected at all. To address this
discrepancy, it is assumed that indene predicted by the model represents naphthalene
observed in the measurements, including a correction for the difference in number of
carbon atoms in the molecules. The parity diagrams presented in SI Figure S.5 show that

the gas-phase kinetic model predicts the selectivity to the major products well.
5.2.3.3 Surface reaction model

The catalytic surface reactions are based on the work of Guo et al. [35] and are
schematically presented in Figure 5.2. In the first reaction step (I2), dissociative adsorption
of methane forms a surface CHs species bonded to the iron site and hydrogen species
bonded to one of the carbon atoms. In the second step (II2), the CH3 species desorbs
yielding a gas-phase CHs- radical, liberating the iron active site for another methane
molecule to adsorb in a repetition of step one. After the 224 CHs- radical has desorbed in
step IIP, the two hydrogen species combine and desorb as dihydrogen in step III. Table 5.1
shows the activation energies of these elementary surface reactions involved in methane
activation as adopted from Guo et al. [35]. It is assumed that the dissociative adsorptions
of methane to CHs species on the catalyst surface are kinetically relevant, because they

have the highest activation barrier and are the only endothermic reactions in the cycle [35].

The pre-exponential factors of the rate constants are fitted manually by running
simulations considering the whole reactor, including the gas-phase model and
temperature profile, as discussed above, to match the experimental data measured with
the 100-250 pm particle size fraction at 1000°C. An average catalytic surface area per

reactor length is used to account for the quantity of catalyst. The catalyst particles are
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assumed to be dense and perfectly spherical with an diameter of 175 pm and a packing

density of 0.6, resulting in a surface area of 129 mm?2 per mm reactor length.

()]

(H

Figure 5.2: Schematic overview of the conversion of methane to CHs- radicals and
hydrogen over the Fe©SiC: active site, adapted from [35].

Table 5.1: Catalytic reactions considered in the activation of methane over the Fe(c)SiO2
catalyst [35, 55].

Catalytic reactions Ea Fitted k0 Kinetic

(kJ/mol) relevance
[35]

Ia CH,(g) + FeC, x> CH;Fe » HC * C * 280 6.77-1017 | Relevant

II» CH3;FexHC *C x— CHy - (g) + Fe x HC = C 224 1.55-1013 | Not relevant

Ib CH,(g) + Fe x HC * C x— CHyFe * HC * HC * 298 3.36-1018 | Relevant

II | CH3;FexHC «HC x> CHy - (g) + Fex HC = HC = | 211 4.50-1012 | Not relevant

1I1x Fex HC x HC * > H,(g) + FeC, * 155 5.30-101° Not relevant

5.3 Results and Discussion

5.3.1 Model validation

The pre-exponential factors of the rate constants of the catalytic surface reactions resulting
from the fit are shown in Table 5.1. Figure 5.3 shows the parity plots comparing the
developed model against the experimental data used for fitting. It is clear from Figure 5.3a
and c that the model accurately predicts the methane conversion when varying either the

residence time at constant temperature, or the temperature at constant residence time.
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The slight deviation at higher conversion can be attributed to the absence of coke
formation in the model, which in reality will partly block active sites, thus limiting
conversion. The product selectivity presented in Figure 5.3b and d also shows reasonable
agreement, although the selectivity to renowned coke precursor molecules such as
acetylene, benzene and naphthalene are overpredicted due to the absence of coking in the
model. Ethylene selectivity is also overpredicted as consequence of the AramcoMech 3.0

model, as discussed before.
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Figure 5.3: Parity plots comparing the results of the model with the experimental results
measured with the reactor completely filled with with 840 mg Fe©SiO2 100-250 pm
(Figure 5.1a); pre-heater and post-heater at 400°C; (a) Methane conversion and (b)
product selectivity to major hydrocarbons when changing the SV between 240-4000
ml-gear1-h-! with the reactor-zone at 1000°C; (c) Methane conversion and (d) product
selectivity to major hydrocarbons when changing the temperature of the reactor zone
between 950-1100°C, at constant SV of 2400 ml- gear1-h1.
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Chapters 2-4 used a larger Fe©SiO2 particle size fraction: 250-500 um. Validation of the
model was also performed against the data from this set. The active surface area per length
of the catalyst bed was reduced in the model from 129 mm2-mm! to 60 mm2-mm-1,
accounting for the difference in average particle size in the two data sets. The results of the
validation are shown in Figure 5.4. It is evident that the effect of varying space velocity and
temperature (Figure 5.4a) is also accurately described for the larger particle size fraction.
The product selectivity is predicted even better for the larger particle fraction, due to the

lower coke selectivity observed with the higher particle size fraction.
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Figure 5.4: Parity plots comparing the results of the model with the experimental results
measured with the complete reactor zone (Figure 5.1b) filled with 840 mg Fe©SiO2 250-
500 pm; pre-heater and post-heater at 400°C (Figure 5.1a), shown in chapter 2 (a)
Methane conversion and (b) product selectivity to major hydrocarbons when changing the
SV between 240-4000 ml-gcar'1-h-lwith the reactor-zone at 1000°C and when changing the
temperature of the reactor zone between 950-1100°C, at constant SV of 2400 ml-gcat'1-h-1.

5.3.2 Catalytic initiation of the reaction

Gas-phase reactions contribute significantly to both product formation as well as methane
conversion [42]. Simulations are performed evaluating the effect of free volume at 1000°C
upstream and downstream of the catalyst bed, to decouple the gas-phase reactions from
the catalytic reactions. The effect of free volume upstream or downstream of the catalyst
(Figure 5.1) is accurately predicted by the model, as shown in Figure 5.5a. Product
selectivity is also predicted reasonably well as shown in Figure 5.5¢ and d. Figure 5.5b
shows the modelled effect of total gas-flowrate on methane conversion with free volume
upstream or downstream of the catalyst bed, using the full reactor model. The inverse of
the flowrate on the x-axis is proportional to both residence time inside the catalyst bed as
well as the residence time in the gas-phase upstream or downstream of the catalyst. At
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high flowrate, i.e. short residence times in both free volume and catalyst bed, there is no
difference between extended gas-phase residence time upstream (B2) or downstream (T2)
of the catalyst bed. At lower flowrates, however, the conversion with extended gas-phase
residence time downstream of the catalyst bed (T2) becomes significantly higher
compared to extended gas-phase residence time upstream (B2), at the same flowrate and
total (gas-phase + catalyst) residence times, as shown in Figure 5.5b. These results are in
agreement with experimental results in chapter 2. The significant increase in gas-phase
activity in the post-catalytic volume is most likely caused by catalytic initiation of the free-

radical coupling reaction.
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Figure 5.5: (a) parity plot of model results compared to experimental results from chapter
2 concerning the effect of extended gas-phase residence time at 1000°C upstream (B2) and
downstream (T2) of the catalyst and (b) Modelled methane conversion for the T2 and B2
case as function of inverse total gas-flowrate; (c) &(d): parity plot comparing the selectivity
of model to experimental selectivity from chapter 2 concerning the effect of extended
gas-phase residence time at 1000°C for the (a) B2 and (b) T2 cases; Reactor-zone at
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1000°C, pre-heater and post-heater at 400°C; Fe©SiO2 250-500 pm; 260 mg catalyst and

0.50 ml free volume either upstream (B2) or downstream (T2) of the catalyst.

5.3.3 Contribution of methane conversion in the gas-phase

To simplify the analysis and better understand the catalyst role, an idealized system, i.e.
assuming an uniform reactor temperature of 1000°C and no conversion in the volume
upstream of the catalyst, was studied. Figure 5.6a shows the effect of residence time
(analogous to 1/flowrate in Figure 5.6b) on methane conversion, equivalent to an axial
profile, for the T2 system in which the catalyst contributes via catalytic initiation. Figure
5.6b shows the same in absence of catalyst, i.e. with gas-phase reactions only. The T2
system (Figure 5.6a) shows significantly more conversion in the free-volume section
downstream than the empty reactor (Figure 5.6b) at the same residence time; note the

different scales of the time axis in Figures 6a and 6b.

In order to assess the impact of the catalyst in the gas-phase reactions, the conversion at
the end of the catalyst bed (about 4%, indicated with the dotted line) is matched with the
same conversion in the blank experiment (in practice, by combining graphs in Figure 5.6a
and b in Figure 5.6¢, with the x-axis of Figure 5.6a shifted to the right). The same method
is used for all graphs in Figure 5.6¢ and d as well as Figure 5.7. Figure 5.6¢ and d and
Figure 5.7 thus show the conversion and concentration profiles as function of residence
time for the T2 case as well as the empty reactor.

The simulation of the empty reactor shown in Figure 5.6b shows two regimes: methane
conversion rate at short residence time is small and increases with increasing residence
time and conversion, typical for autocatalysis. Figure 5.6¢ shows that the catalyst
effectively shortens the induction phase, while not influencing the conversion profile in
the post-catalytic free-volume. This was further verified by varying the catalyst residence
time (see Figure 6d). Note that this would also be the case if the conversion in the catalyst
bed would be increased by using a catalyst more active in methyl radical formation. Figure
6d also indicates that the influence of the catalyst on conversion is the largest when aiming
at roughly 4% conversion. This is analysed in more detail mathematically in supporting
information S.5. Lower conversion in the catalyst bed would lead to a significantly larger
reactor because more volume downstream of the catalyst would be required, whereas the
marginal gain in reactor volume becomes very small with higher conversion in the catalyst
bed. However, the main disadvantage of a larger catalyst bed is increased formation of

carbonaceous deposits as shown in chapter 2.
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Figure 5.6: (a) An idealized simulation of the ‘T2’ case, uniform 1000°C and no residence
time upstream of the catalyst, achieving 4% CHa4 conversion in the catalyst bed (b)
Idealized empty reactor simulation, uniform 1000°C (c¢) A comparison between the
simulation shown in (a) and (b), showing a catalyst initiated system and a pure gas-phase
system at a constant temperature of 1000°C (d) shows the effect of the amount of catalyst,
achieving 0% (blank), 2% (0.32 s catalyst residence time), 4% (optimal, 0.48 s catalyst
residence time) or 9% (0.63 s catalyst residence time) CH4 conversion in the catalyst bed,
on the conversion curve in the post-catalytic volume. Note that the residence time on the
x-axis refers only the free-volume curve the residence times for the 3 catalytic cases starts
at zero at each respective left catalyst boundary; the vertical lines denote the residence in
the catalyst bed. The horizontal blue dotted line denotes 4% conversion.
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5.3.4 Mechanistic evaluation of acceleration in methane conversion rate

Figure 5.7 shows the concentration profiles of important intermediate species and
products as function of residence time, similar to Figure 5.6 for methane conversion. Ci,
C2 and H- species are the main contributors to the chemistry involved in gas-phase
methane activation [21, 22]. The concentration profiles as function of residence time in
the empty reactor as shown in Figure 5.7 are obviously based on the reaction mechanism
and microkinetic model for gas-phase methane auto-catalysis according to the
AramcoMech 3.0 model [51]. A schematic overview of this reaction cycle can be found in
Figure 5.8. The following section details this mechanism with respect to the concentration

profiles for the empty reactor in Figure 5.7.
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Figure 5.7: concentration profiles of (a) CHs- radicals (b) C2 hydrocarbon (¢) C2Hs- and
C2Hs- radicals (d) H- radical; concerning the catalyst-initiated system and a pure gas-phase

system at a constant temperature of 1000°C as in Figure 5.6.
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Firstly, the profiles in Figure 5.7 will be discussed in the light of gas-phase chemistry based
on earlier publications [19-22] (see reaction 1 to reaction 10 below), followed by a
discussion on the interplay between catalytic and gas-phase reactions. In the induction
phase, i.e. at low methane conversion, and in absence of catalysts slow heterogeneous
activation of methane (reaction 1) on the reactor-wall or impurities dominates. The
heterogeneous nature is included in the model in reaction 1 by the (m) active site species,
because spontaneous gas-phase methane dissociation is highly improbable. This is not
essential though for our discussion, the low rate of reaction 1 is much more important.
Initially each H- radical formed via reaction 1 will activate another methane molecule via
reaction 2, causing equal rates of reactions 1 and 2 during the induction phase. H-: radical
concentration stays low even though CHs- radical concentration increases significantly, as
seen in Figure 5.7a and d, due to the rapid consumption of H- radicals in reaction 2. The
CHs- radicals combine to form ethane (reaction 3); subsequently, ethane reacts with
another CHs- radical, forming an C2Hs- radical and CH4 (react. 4). This reaction is fast,
demonstrated by the low concentration of ethane in Figure 5.7b, while both C2Hs- radical
and ethylene concentration keep increasing (Figure 5.7b and c). C2Hs- radicals are very
reactive and readily dissociate to ethylene and a H- radical (Eq. 5), explaining the rapid
and immediate increase in ethylene seen in simulations in Figure 5.7b in absence of
catalyst. Similar to ethane, ethylene can dehydrogenate further towards acetylene
following reactions 6 and 7 with CoHs- as reactive intermediary radical. Note that the
consecutive dehydrogenation of C2 hydrocarbons, shown in Eq. 4-7, has no effect on
methane conversion, since for every produced H- radical (reactions 5 and 7) another
methane molecule is generated from a CHs- radical (reactions 4 and 6). Ethylene is
significantly less reactive than ethane and CHs- and C2Hs- radicals as is apparent from
Figure 5.7b, showing significant higher concentrations of ethylene and acetylene

compared to ethane.

Note that, even though H- radicals do not selectively react with methane, reaction with
methane is dominant because of the high methane concentration compared with all other
molecules and radicals. For the autocatalysis to take effect, a net formation of H- radicals
needs to occur [21, 22], to activate methane via reaction 2. All reactions generating these
surplus H- radicals require C-C coupling to higher hydrocarbons. Reaction 1 is an
exception, but this reaction is slow and constant in gas phase in absence of catalyst.
Acetylene exclusively reacts to higher hydrocarbons according to the model, whereas in
reality it is also subject to dehydrogenation resulting in coke formation as shown in
chapter 2. The formed Cs+ hydrocarbons are very reactive under reaction conditions and
spontaneously dehydrogenate, yielding even more hydrogen radicals, an example of which

is shown in reaction 10.
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CH,+ (m) » CH;- +H - +(m) Reaction 1

CH,+H-=CH3- +H, Reaction 2
2CH; - = CyHg Reaction 3
C,Hg + CH3 - = C,Hs -+ CH, Reaction 4
CyHs - C,Hy+ H - Reaction 5
C,Hy+ CH; - = CyH3 -+ CHy Reaction 6
CyH3-— CyHy, + H - Reaction 7
CoHy+ CH; - = C3Hg+ H - Reaction 8
CoHy+ CyHs_3-= C,Hg_¢+ H- Reaction 9
C3Hg = C3Hs -+ H - Reaction 10
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Figure 5.8: The proposed autocatalytic cycle for accelerated methane activation in the gas

phase, reactions numbered following the reaction scheme presented above.

The catalytic reaction generating methyl-radicals, discussed at length in section 5.3.3 and
shown in Figure 5.2 and Table 5.1, is equivalent to the combination of reactions 1 and 2 of
the gas-phase mechanism discussed above. The catalytic formation of methyl radicals
appears much faster than the slow heterogenous activation of methane in absence of
catalyst, in line with the observation that presence of the catalyst causes significantly
increased concentration of CHs- radicals (Figure 5.7a). Also, the concentrations of all C»
species increase significantly in presence of catalyst (Figure 5.7b and c), caused by rapid
coupling of the generated methyl radicals to ethane in gas phase (reaction 3). The high
ethylene concentration achieved inside the catalyst bed is due to the quick consecutive
reactions 4 and 5. H- radical concentration remains low in the catalyst bed (Figure 5.7d),
due to both the requirement for C2 hydrocarbons to undergo C-C coupling as well as the
high reactivity of H- radicals with methane as discussed for the gas-phase system. As a
reminder, chemisorbed hydrogen stays on the active site until it can desorb as a di-
hydrogen molecule (Figure 5.2, [35]).
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The concentration of all species presented in Figure 5.7a-d for the catalyst initiated system
converge to the same concentration as observed in simulations of the empty reactor (i.e.
pure gas phase). This effect is very rapid for all radical species (Figure 5.7a, ¢ and d) due
to their high reactivity, whereas the effect is slower for ethylene (Figure 5.7b).

5.3.5 Effect of C2 addition

Ethane and ethylene addition is also known to shorten the induction phase during non-
oxidative methane coupling [45] and chapter 3. Experimentally, the increase in methane
conversion rate was maximal at 2% ethane or ethylene addition in a non-catalytic system
[46] and chapter 3. Parity plots comparing the model predictions and experimental data
for an empty reactor, including the reactor temperature profile as discussed in the
experimental section, have been included in Figure S 5.7a. The model accurately predicts
the trends on C2 addition (Figure S 5.7b), although the model underpredicts the effect on
methane conversion.

Simulations of an idealized system, i.e. empty reactor completely isothermal at 1000°C,
have been performed to investigate the influence of C2 species in the auto-catalytic cycle
discussed before. Figure 5.9a shows the effect of residence time on methane conversion
when adding 2 vol% ethane, ethylene and acetylene [12]. The significant effect of C2
addition is evident when compared with the simulation for pure methane. In order to
understand compare the effect of C2 addition to that of catalyst initiation, in Figure 5.9b
the conversion curve according the simulation for pure methane is translated down by 4%
conversion and to the left by 3.3 s residence time, analogous to Figure 5.6¢, i.e. redefining
the origin of the simulation with respect to pure-methane in Figure 5.9a. The conversion
axes are thus different for the pure-methane and C2 addition curves in Figure 5.9b. There
is a remarkable overlap of the translated conversion curve for pure-methane with the
conversion curve in presence of ethane as well as ethylene. This implies that C2 addition
can effectively overcome the induction period and directly cause a reaction rate equal to
pure methane in the auto-catalytic regime. Note as a qualitative observation that
converting methane at 4% corresponds stoichiometrically to the addition of 2% C»

hydrocarbons.
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25% Pure methane b) residence time after induction(s)
a) — — 2% CHyaddition 3.3 4.3 5.3 6.3
g 20% - 226 C,H, addition 25% F——5; CHaddHon 29%
@ 2% CyH,addition 2 2% C,H, addition
3 159% - P bk ‘g 20% 1 2% Cszaddition - 24%
= 5 +— -+ Pure CH, post-indudtion
8 Z 15% 1 2 2 19%
] g s,
£ 10% L
g 2 10% A yld - 14%
7] =
. 5 y 4
=%l L L E s =
7 E "'/
0% - T 0% +=— , T 4%
0 2 4 6 0 1 2 3
residence time (s) residence time (s)

Figure 5.9: (a) Modelled methane conversion when dosing 2% C: into the reactant mixture
in a gas-phase system compared to the pure methane simulation (b) The same modelled
methane conversion when dosing 2% C2 as shown in Figure 5.9a, but with the conversion
curve for pure methane translated by 3.3 s residence time to the left and 4% conversion
downwards, to make the 4% conversion point at the origin, the 2" x and y-axis refer to the
pure-methane after induction curve. All simulations done for an empty reactor system at
a constant 1000°C.

When ethane is added, the excess of ethane molecules reverses reaction 3, i.e. ethane
dissociates into CHs- radicals instead of recombining, shown by the immediate high CHs-
concentration (in Figure S 5.8a). The CHs- radicals attack ethane via reaction 4, which
following reaction 5, results in the instant formation of a surplus of H- radicals that can
activate methane (Figure S 5.8d). In contrast, ethylene and acetylene do not spontaneously
decompose and, initially, methane conversion via reaction 1 is required to activate
ethylene and acetylene. Methyl radicals formed in reaction 1 convert ethylene to either
CoHs- radicals via reaction 6, or follow the reactions shown in Eq. 6-9, causing the
acceleration in methane conversion by forming H- radicals as discussed in section 5.3.4.
About 0.5 s residence time is required for both ethylene and acetylene to increase the H-
radical concentration to level beyond the corresponding H- radical concentration for pure
methane in the auto-catalysis regime (Figure S 5.8d). In short, a pathway to significantly
increase the concentration of H- radicals via reactions with ethylene and acetylene is
responsible for the acceleration. Notwithstanding, overall the concentration profiles of
radicals and C2 hydrocarbons (in Figure S 5.8) show similar trends to pure methane, except
for slightly higher C2 hydrocarbon and radical concentration. The more significant effect
predicted by the model for acetylene addition (Figure 5.9) can be mechanistically
explained by the conversion of acetylene to higher hydrocarbons, thus releasing hydrogen
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radicals and accelerating methane conversion. However, in reality, a significant fraction of

acetylene reacts to coke [12], which is not included in the model.

The product distributions as well as the radical concentration profiles in case of either C2
addition or in the presence of catalyst, forming CHs- radicals, are identical. This makes it
impossible to distinguish between catalytic CHs- radicals generation as proposed by Guo

et al. [35], versus direct ethylene formation as proposed by Toraman et al. [42].
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5.4 Conclusions

The interplay between catalytic and gas-phase reactions in non-oxidative coupling of
methane was investigated. Via kinetic modelling, the considered surface reactions for a
Fe©SiO2 catalyst, involving exclusively conversion of methane to CHs- radicals, can
accurately predict the activity and selectivity in catalytic NOCM, when used in combination
with a comprehensive gas-phase reaction mechanism from literature, i.e. the AramcoMech
3.0 model. The activation barriers proposed in literature accurately describe the
experimental data in the temperature range between 950-1100°C. The model predicts the

significant contribution of the post-catalyst volume to methane conversion.

The catalyst enhances the formation of methyl radicals, thereby speeding up the formation
of C2 hydrocarbons via gas-phase reactions. The presence of C2 hydrocarbons enables fast
formation of H- radicals, which is the key radical responsible for autocatalytic conversion
of methane. The induction period observed in the gas phase can be prevented not only by
using a catalyst, but also by adding C2 hydrocarbons in the feed, without any catalyst. The
catalyst has no significant impact on the chemistry downstream of the catalyst bed. All
concentrations of intermediate species and products become similar to the concentrations
obtained in absence of catalyst. The gas-phase reactions involving C2+ hydrocarbons are
fast at 1000°C determining the product distribution, while catalyst or C2 addition
exclusively enhance the initiation of the NOCM reaction, allowing for optimal reactor
design. These conclusions show the potential of methane and ethane co-pyrolysis for

conversion of natural gas to olefins and aromatics.
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5.6 Supporting Information

5.6.1 S.1 Reactor temperature profile

]
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Figure S 5.1: Temperature profile inside the reactor measured with an empty reactor tube
b) zoom in on Figure S 5.1a; gas-flow rate of 10 ml-min-! N2; Vertical bars represent the
insulating layers between the 3 different zones. ~~#--- Pre- and post-heater at 400 °C;
reactor-zone at 1000 °C; The points are the measured values, the line represents the fit

used in the model. The data are identical to Figure 2.1 in chapter 2.

5.6.2 S.2 Evaluation of different gas-phase models

The choice of gas-phase model is highly important for the accurate evaluation of the
catalyst-free volume interaction. Five separate gas-phase models available in open
literature were evaluated:

e  AramcoMech3.0[51]

e  NuigMechl.1[52]

e  The gas-phase model compiled by Matheu et al. [30] based on the work by
Dean [22]

e The gas-phase model used by Gudiyella et al. [53] for modelling methane flame
pyrolysis to acetylene

e  The gas-phase model used by Chu et al. [54] for modelling methane flame

pyrolysis to aromatics
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No model was found to be a perfect fit to the blank experiments. The results of each model

evaluated under isothermal conditions (i.e. 1000°C) are presented in Figure S 5.2 for

methane conversion and Figure S 5.3 for selectivity to major products. One of the main

requirements for the model was an accurate portrayal of the methane autocatalytic cycle

involving C2 hydrocarbons at methane conversion between 2-10%, as described in the
main text. This eliminated the NuigMechl.1 [52] model and the model published by

Matheu et al. [30], as these showed a linear trend in methane conversion with respect to

residence time, as can be seen in Figure S 5.2. Both AramcoMech3.0 [51] as well as the
model published by Gudiyella et al. [53] and Chu et al. [54] are valid options. The choice
for AramcoMech3.0 was made because it is the culmination of many different modelling

works involving a large variety of hydrocarbon pyrolysis reactions.
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Figure S 5.2: Methane conversion comparison of various gas-phase models in a non-

catalytic isothermal reactor as function of residence time.
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measured data points included.
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5.6.3 S.3 Evaluation of AramcoMech 3.0 compared to experimental data
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Figure S 5.4: Parity plots comparing the results of the AramcoMech 3.0 model against the

experimental results in a blank reactor, (a) Methane conversion, (b) selectivity towards

major hydrocarbon products; measured using a quartz tube containing no catalyst at
flowrates between 3.3-55.5 ml-min-l, reaction zone at 1000° C; pre- and post-heater at
400°C; (c) Methane conversion and (d) product selectivity to major hydrocarbons when
changing the temperature of the reactor zone between 950-1100°C, at constant flowrate

of 33.3 ml-min-1.
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5.6.4 S.4 Additional data concerning model development

5.6.4.1 Methane conversion in a blank system
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Figure S 5.5: The modelled methane conversion using either 1x or 1.47x the gas-phase

reaction rate compared to experimental data measured in a blank-reactor.

The methane conversion as function of residence time for a blank experiment is slightly
underpredicted by the AramcoMech 3.0 model as shown in Figure S 5.5. This could be
corrected by multiplying the gas-phase reaction rates with a factor of 1.47 in ChemKin,
resulting in a good fit of conversion as function of residence time as shown in Figure S 5.5.
This difference is probably due to underestimation of homolytic methane activation in the
gas-phase model, considering that practical methane activation is enhanced by non-
idealities, such as activity of the reactor wall and trace contaminations in the gas mixture.
Note however that the gas-phase reaction rate factor has however been kept at 1.0 to
prevent the overestimation of other, faster, gas-phase reactions. Thus the homolytic
methane activation reaction is slightly underestimate, resulting in an overall

overestimation of the induction period.
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Fitting of the pre-exponential factors and the resulting surface

coverage

The pre-exponential factors of the non-rate-limiting steps are adjusted to the lowest value
that still prevented significant concentration of these species on the active sites (i.e. <0.1%

occupation) as can be seen in Table S 5.1, the value of 0.1% is arbitrarily chosen.

Table S 5.1: Average surface coverage on the Fe active side predicted by the surface

reaction model.

Catalyst intermediate species Average surface coverage
@1000°C conv < 10%

Fe (empty site) 47.4%

Fe-H-CH3 0.1%

Fe-H 52.4%

Fe-H-H-CH3 0.1%

Fe-H-H 0.0%

5.6.5 Analysis of the methane conversion profile in a modelled blank
reactor

Figure 5.6 reports methane conversion in a blank system, as well as the conversion rate
and change in conversion rate (i.e. acceleration in methane conversion). The acceleration
in methane conversion rate is a good measure for the gas-phase reaction activity. Both
conversion-rate and conversion-acceleration have been plotted alongside the normal
conversion curve in Figure S 5.6 The maximum effectiveness of the gas-phase activation is
reached when the acceleration in rate is maximum. Note that the methane conversion rate
will keep on increasing until the acceleration becomes negative. Non-catalytic methane
pyrolysis can be divided in three regimes: firstly an induction period, where methane
conversion is slow and mainly determined by low levels of activation via impurities in the
gas-feed or in the reactor material used. The gas-phase AramcoMech3.0 model accounts
for this activity by including a heterogenous reaction for methane activation. Note that the
rate of methane activation in the induction period is dependent on the system used, i.e.
purity of the methane feed and internal surface area in the reactor. A clear acceleration is
observed once sufficient methane conversion is achieved, due to the activation of methane
by the formed products as discussed in the main text, this regime is known as the
autocatalytic regime [21, 22]. The third regime concerns the reduction in methane
conversion rate when approaching thermodynamic equilibrium [14]. The maximum

acceleration in gas-phase methane conversion-rate is achieved at 3.3 s residence time, and
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4% methane conversion, as shown by the lines added to the Figure 5.6. This shows that for
the AramcoMech3.0 model the maximum effectiveness of the autocatalytic cycle is achieve

at 4% methane conversion at 1000°C.
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Figure S 5.6: Analysis of the methane conversion rate and conversion acceleration in a

purely gas-phase initiated system, based on the AramcoMech 3.0 gas-phase model.
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5.6.6 S.6 Data concerning C2 addition with respect to concentration
profiles, Cz conversion and product selectivity
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Figure S 5.7: (a) Parity plot of modelled methane conversion in an empty reactor,

considering the full temperature profile compared to experimental methane conversion

from chapter 3 concerning the effect of C2 addition on non-catalytic methane pyrolysis

at 1000°C; (b) modelled methane conversion as function of C2 addition and measured

methane conversion as function of C2 addition, adopted from chapter 3, for an empty

reactor, considering the full temperature profile.
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Figure S 5.8: Concentration profiles of (a) CHs- radicals (b) C2 hydrocarbons (¢) C2Hs- and

CoHs- radicals (d) H- radical; concerning initiation by 2% C2 addition compared to pure

methane at a constant temperature of 1000°C as shown in Figure 5.9 in the main text;

analogous to Figure 5.7 in the main text for a catalyst initiated system; note the legend
style in terms of grey-scale and line-style from figures a and d should also be used the

legendsin b and d.
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Figure S 5.9: Overall conversion of the added C2 hydrocarbon according to the

AramcoMech 3.0 gas-phase model.

Figure S 5.9a shows the modelled conversion of the added C2 compounds as function of
residence time. Note that these values are a combination of conversion towards other
compounds as well as formation from the CH4 feedstock. Figure S 5.9b shows the
conversion of the added C: species corrected for the production from CHa, to get an
accurate picture of the true consumption. These values are obtained by subtracting the
concentration of the added C> compound in a simulation with pure methane at the
corresponding methane conversion level. From Figure S 5.9a it is clear that nearly all
ethane is converted instantly, which is logical when looking at the reaction 3. Acetylene

converts significantly slower than ethane, but still significantly quicker than ethylene.
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Chapter 6

Abstract

This paper presents a process design for catalytic non-oxidative natural gas conversion to
olefins and aromatics in a single step at high temperature. The process is designed based
on existing industrial technologies and the best reactor performance reported in literature.
It will highlight the opportunities and challenges involved in industrial non-oxidative
coupling of methane (NOCM). Direct coupling of methane can be profitable due to the low
price and high availability of natural gas, as well as the high price and large market for
light olefins and aromatics. Previous works on process designs for catalytic NOCM was
limited to economic aspects, whereas this paper emphases scientific and engineering
challenges. Challenges in the process stem from the low pressure and high temperature
required, along with the high endothermicity of the reaction. Furthermore, low partial
pressures of hydrocarbon products, even at high single pass methane conversion, lead to
complex separation trains. The process design and modelling result in an optimal reactor
pressure of about 5 bar, when operating at 1000 °C, minimizing reactor size and
compressor duty as well as maintaining a sufficiently high single-pass natural gas
conversion. A very large heat exchanger is required to heat the reactor feed with the
product stream, as both gas streams are sizeable and have a low pressure. Recovery of
ethylene is economically unattractive, due to the low ethylene concentration in the product
stream, leading to a methane to aromatics process, where the ethylene is recycled to the
reactor inlet. This makes benzene the most valuable produced hydrocarbon with an
efficiency of 0.31 kgbenzene-kgmethanel. Hydrogen is a major by-product of the reaction,
potentially increasing the profitability of the process if properly purified, pressurized and
transported. Lastly, naphthalene is the dominant product, at 0.52 kgnaphthalene:K€methane™,
with unfortunately low economic value and small market size. The total overall carbon
efficiency of the designed process is 86%. Part of the produced naphthalene could be
burned for heat generation, resulting in large CO2 emissions and decreasing the carbon
efficiency to 54%, or could be converted (for instance by hydrocracking) to more valuable
BTX products in an additional downstream process. The process is calculated to be
profitable, resulting in 107 $ profit per ton CHa.
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6.1 Introduction

Natural gas is seen as a high potential intermediate source of base chemicals, such as
ethylene and benzene [1-5], replacing crude oil in the change towards renewable sources
of energy and chemicals. Currently, the production of bulk chemicals, such as ethylene and
benzene is based on petroleum feedstock [6, 7]. The worldwide known natural gas reserve
is around 2-10'> m3 [6, 7]. The global usage is expected to grow from 4.1:1012 m3.y-! in
2020 [8] to 5.75-1012 m3-y'! in 2040, an average growth of 3.0% a year [9]. This can be
attributed to the increased production of natural gas with a high methane content as seen
in the exploitation of shale gas and tight oil [10]. A result of this increased production is a
significant drop in the price of natural gas when comparing to crude oil. Both residential
and commercial heating, as well as the production of power are a major part of the total
natural gas consumption. The use of natural gas and other fossil fuels to generate energy
is not sustainable due to the high greenhouse gas emissions and the resulting impact on
the climate. Furthermore, renewable energy sources such as wind and solar are expected
to take over the energy and heating requirements both for residential as well as industrial
applications [11-16]. Due to the decreasing natural gas price and slow phase out of natural
gas as energy carrier, it remains economically interesting to evaluate the possibilities to

use natural gas as a feedstock for chemical synthesis.

6.1.1 Industrial state of the art

There are already several industrial processes for converting methane into hydrocarbons,
most of them based on multiple conversion steps, starting with syngas production [17-19].
Syngas is produced by steam reforming of natural gas over nickel catalysts [20]. Common
synthesis routes starting from syngas include Fischer-Tropsch (FT) synthesis to paraffinic
waxes, methanol synthesis and ammonia synthesis [17-19, 21-24]. A FT based process
generally uses Fe or Co-based catalysts to convert syngas into linear aliphatic
hydrocarbons. Catalyst as well as process conditions dictate the chain growth and thus the
product distribution. Generally, FT synthesis is followed by cracking the products to lower
alkanes and olefins [25] , yielding at overall carbon efficiency between 60-65% [26].
Methanol can be converted into gasoline using the methanol-to-gasoline (MTG) process,
in which methanol is first dehydrated over an acid catalyst to dimethyl ether, which is
subsequently converted into a gasoline blend [27]. The full route from natural gas to higher
hydrocarbons using either the FT or MTG reactions is called the ‘gas-to-liquid’ (GTL)
process. To date, the largest industrial plant using FT technology is the Shell Pearl GTL
plant converting 4.5-107 m3-day! natural gas to hydrocarbons [28]. Along the same line,
methanol-to-olefins (MTO) shows great promise as source of olefins from methane [22,

23]. MTO starts with steam reforming methane to syngas, followed by methanol synthesis.
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The methanol is converted to light olefins, such as ethylene and propylene. The advantages
of MTO over GTL are the production of more valuable products and a more narrow product
distribution [17, 23]. MTO has already been commercialized on smaller scale by DICP and
UOP [29, 30], while other companies already developed process designs [30, 31]. The
disadvantages of any indirect route for methane coupling to higher hydrocarbons are the
inevitable production of oxygen containing by-products (water and CO2) as well as the
required separation and purification between each consecutive synthesis step [32]. All
current industrial methane conversion processes require large installed capacities to
become economically viable [33], making them unattractive for smaller remote gas fields.
Pipelines and cryogenic transport for centralized methane conversion are generally too
costly to be viable [3, 34, 35]. For this reason, many small gas fields for instance at the
coast of Australia remain unexploited [36]. Also, many relatively small and remote (shale-)
oil fields in the USA resort to flaring or venting to get rid of their co-produced natural gas,
leading to unnecessary greenhouse emissions [37]. Direct coupling of methane to higher
hydrocarbons is likely economically more attractive for operation at small capacity [3]
compared to alternatives, due to the reduced number of process steps and limited variation
in process conditions. This would make direct methane coupling interesting as an on-site
process for smaller oil and gas fields, especially if the product is liquid under standard
conditions. The different methods for coupling methane to different higher hydrocarbons,
both industrially applied as well as academically investigated, are summarized in Figure
6.1.

Non-oxidative

°o

Olefins Acetylene

Figure 6.1: Different conversion strategies for methane into higher hydrocarbons,

explanation of abbreviations can be found at the end of this chapter.
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Direct coupling of methane has seen a steady increase in research over the last years for

these reasons. This research is focused on three potential strategies:

1. methane dehydroaromatization (MDA) [4, 19, 38-40]
2. oxidative coupling of methane (OCM) [19, 41]
3. non-oxidative coupling of methane (NOCM) [32, 42-50]

6.1.2 Methane dehydroaromatization

MDA is a process in which methane is directly converted to lower aromatics, such as
benzene and naphthalene [4]. Generally, the catalysts used consist of a transition metal
(e.g. Mo) supported on a zeolite (e.g. ZSM-5). Confinement in the pores of the zeolite is
responsible for the selectivity towards aromatics rather than coke. Galadima et al. [4]
reviewed results obtained with several metal-modified zeolites in the MDA reaction. The
general drawbacks of the MDA reaction are low product yields, low single pass methane
conversion and high coking rates. The highest single pass aromatic yield of 11% is obtained
at 700°C and atmospheric pressure with a 6 wt% Mo/H-ZSM-5 catalyst, as reported by
Zhao et al. [4, 51]. The single pass methane conversion is low due to the unfavourable
equilibrium at reaction temperature of around 700°C [4]. Figure 6.2 shows that at 700°C
the maximum theoretical methane conversion is 11% when coking is not taken into
account. In general, MDA suffers from high coking rates, requiring catalyst regeneration

within a time span of minutes [4].
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- z — « « CHs
= g a0 St
i o Pl mm——- C:H» selectivity
5 1000% § . & g BRI
2 " R e = @ 60% A i 5
£ e 7> =8 i N
o 100% { - ) =1 N
g (7S CLPPPS CH T 40% A i »
2 s GHs z -
[=] ’ -4 o* L N
- ’” . - CzHy = . \
0.10% / - ST e CaHa Q) B <
’ SRS S 20% 4 . s’
o e e CH g = i T
’ CuwHs P
{ & =558
0.01% . . 2 0% . v
600 800 1000 1200 600 800 1000 1200
a) Temperature £C) b) Temperature ¢C )

Figure 6.2: (a) Thermodynamic equilibrium concentration of methane decomposition,
excluding any solid formation (coke) only showing the main products (b) equilibrium
methane conversion and carbon based product selectivity based on the thermodynamic
data in (a); Thermodynamic data is adapted from [52]; The same image is also shown in

the introduction to this thesis, Figure 1.5.
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6.1.3 Oxidative coupling of methane

Oxidative coupling of methane (OCM) circumvents the thermodynamic restrains shown
in Figure 6.2, by dosing small amounts of oxidant (oxygen or sulphur) in the reactant
mixture. The thermodynamic equilibrium shifts to higher methane conversion via
oxidation of the hydrogen product. The main product group of OCM is light olefins, with
COz2 and water as significant by-products. OCM was first reported in 1982 [53], sparking
a worldwide research surge [54, 55]. Hundreds of catalytic materials have since been
synthesized and tested, mostly in the 1990s but also in recent years [5]. Ideally, the oxidant
is only used to decrease the methane activation barrier, after which the formed methyl
radicals react to C2 hydrocarbons [56]. Unfortunately, the presence of O: leads to
significant oxidation of the formed hydrocarbons, limiting the single-pass hydrocarbon
yield to below 30%, at 60% Ca2+ selectivity [3, 5]. Thus, the carbon utilization efficiency of
OCM remains relatively low [57, 58]. Process modelling showed that OCM can only be
economically viable if single pass conversions and C2 selectivity are at least 30% and 90%
respectively [59, 60]. Therefore, even the Bi-Y-SM catalyst reporting the highest C2 yield
thus far [61] at 28% conversion and 53% selectivity does not approach the industrial

requirements.

6.1.4 Non-oxidative coupling of methane

Catalytic non-oxidative coupling of methane (NOCM) is generally used as an overarching
term for non-oxidative routes to methane coupling. We have opted to exclude MDA from
this category, because MDA requires an addition steric effect to steer selectivity, which
warrants its own section. NOCM generally operates at even higher temperature, above
900°C, in order to achieve industrially relevant methane conversion (i.e.>10% conversion)
[52], asillustrated in Figure 6.2b. Hydrogen is co-produced as a valuable by-product, while
formation of coke can pose practical limitations such as catalyst deactivation, process
disorder as well as carbon yield loss. In 2014 Guo et al. [32] reported a Fe/SiO2 catalyst,
capable of converting CH4 non-oxidatively to ethylene, benzene and naphthalene.
Crucially, it was claimed that this catalyst does not cause coke formation, even at high
conversion level, i.e. 48% at 1080°C. A constant molar ethylene selectivity of ~50% was
reported for temperatures between 950 and 1080°C. Atomically dispersed Fe(II) sites on
silica are postulated to selectively dehydrogenate CH4 to methyl (CHs-) radicals, initiating
free radical coupling reactions in the gas phase. This has been supported with DFT
calculations by Kim et al. [50]. Guo et al. [32] named this specific catalyst Fe©SiO2, which
notation will also be adopted in this paper. Sakbodin et al. [42] demonstrated that methane
conversion over the Fe©SiO:2 catalyst can be significantly boosted by introducing a
hydrogen permeable membrane in the reactor to remove hydrogen in-situ. Oh et al. [43]

demonstrated that a coated wall reactor using Fe©SiO2 also causes an increase in methane
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conversion. Han et al. [44] reported that SiOz2 in the cristobalite crystal phase is required
to minimize coke formation, requiring the high fusion temperature during catalyst
preparation (1700°C). Furthermore, atomically dispersion of Fe prevents coke formation
on the active site of the catalyst. Results from chapter 2 and a SABIC patent [62] showed
experimentally that the catalyst is only required for methane activation after which
propagation occurs in the post-catalytic volume. Other types of catalysts have also been
reported for the NOCM reaction [45-49], but these show low conversion, high coking rates,

or are only tested at low CH4 partial pressures.

Table 6.1: General overview of performance figures obtained from various publication

concerning the three types of catalytic reactions to convert methane to higher

hydrocarbons.

CH4 conv. MDA OoCM NOCM
method
C2 single pass 1% [63] 30C% [3, 5] 9.3 C% [32]
yield
Aromatic single 11% [4] N/A 39.1 C% [32]
pass yield
Coke selectivity 28% [4] N/A 0% [32, 42],

32% (1 bar), 12% 12% [43]

(10 bar) [63]
Economic Conversion > 25% | Conversion > 30% | Conversion> 32%
viability HC selectivity > | C2 selectivity > | HC selectivity >
requirements 30% [64] 90%[59, 60] 80% [22]
By-products H> & coke H20 & CO2 H> & coke
Carbon efficiency | 31% [64] 60% [3, 5]* 100% [22]
over the process *Experimental 82.7% [65]

6.1.5 Process designs concerning direct coupling of methane

The reported high conversion and high resistance to coking of Fe©SiO2 is interesting for
possible industrial application. However, the severe reaction conditions as well as the
broad product distribution presents various challenges in terms of process design. Many
process design studies concerning single step conversion of methane focussed on MDA
and OCM reactions [60, 64, 66-71]. In contrast, there are currently only two papers on
process design addressing high temperature catalytic NOCM [22, 65]. The general

conclusions from these process designs studies have been summarized in Table 6.1. The
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product yields and coke selectivity in Table 6.1 are the best experimental results reported
in literature. The economic viability requirement shows the minimum single-pass

methane conversion and hydrocarbon selectivity required.

Huang et al. [22] performed a study to screen how certain conditions affect the net present
value (NPV) of a NOCM process. A detailed process design including economic evaluation
is presented, the process design is evaluated starting from a base case, in which process
and economic variables are systematically varied, to evaluate the sensitivity for the NPV.
The base case evaluated assumes the following conditions and productivity Tconversion:
800°C, CHa4 single-pass conversion: 25%, coke selectivity: 0% and ethylene selectivity: 20
C%, the benzene and naphthalene selectivity are both 30 C% with the remaining 20 C%
divided over minor olefins and aliphatics (i.e. ethane, propane, propylene, butane and
butene). This base case is actually not realistic when looking at Figure 6.2, which shows
that the maximum methane conversion based on thermodynamics, without allowing
coking, is 20% at 800°C. They concluded that the single-pass conversion of methane and
coke selectivity are the main parameters affecting profitability. The single-pass conversion
of methane should be above 25% and coke selectivity should not exceed 20%.
Furthermore, they concluded that profitability can be increased by increasing olefin yield
over aromatic yield, as expected. Do et al. [65] performed a techno-economic feasibility
study of a direct methane coupling process, similar to Huang et al. [22]. After the
conversion step, all products are systematically removed, starting with the aromatics and
ending with cryogenic recovery of the produced ethylene. The reactor is operated at
1200°C and atmospheric pressure and it is stated that a product distribution is assumed,
without further detail. They conclude that the most important factors determining
profitability are the cost of natural gas and electricity as well as the sales price of ethylene.

Unfortunately, the importance of minimum conversion and selectivity was not discussed.

Table 6.2: Standard (1 atm, 25°C) enthalpy and Gibbs free energy change of the three

considered reactions, normalized per carbon atom [72].

Reaction STD enthalpy change | STD Gibbs energy
(KJ-molct) [72] change (KJ-molc1) [73]
2CH, = C3H, + 2H, 101.1 -16.6
6CH, = C4Hg + 9H, 88.1 -29.9
10CH, = C1oHg + 16H, | 89.2 37.9

Several points have not been addressed so far when evaluating industrial application of

NOCM in addition to the selection of the reaction conditions:
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1. Separation scheme of the products, by-products and unconverted reactant.

2. Heat supply to the reactor, considering the endothermicity of the reaction (Table
6.2), as well as the intensive heat transfer required between feed and product
streams

3. Strategy for operating the reactor, considering coking

4. Regeneration of the catalyst/reactor in case of coking

This paper presents a detailed design of a plant using the Fe©SiO2 catalyst to convert
natural gas using the NOCM reaction. The main aim is to evaluate possible solutions for
the four challenges above, using proven industrial technologies. The insights obtained will
give directions for both further research on the catalyst, as well as on other technologies
required. Note that many of the aspects discussed in this paper are general to any NOCM

reaction and not specific to the Fe©SiO2 catalyst.
6.2 Process design

The scope of the design is a process with a capacity of 200 ktpa benzene with a purity of
99.8 wt.% based on the Fe©SiO2 catalyst to convert natural gas using the NOCM reaction.
Catalyst performance data, concerning both activity and selectivity have been taken from
the original work on the Fe©SiO2 catalyst by Guo et al. [32] and shown in Table 6.4. It
must however be noted that other papers [42-44, 50, 62] reporting on this catalyst as well
as chapters 2-4 of this thesis showed a broader product range of minor products,
including ethane, acetylene, Cs-s olefins and alkyl benzenes. The selectivity to these
products becomes negligible at higher methane conversion (chapter 3) and are therefore
not included to reduce complexity. In this study a standard composition for dry natural
gas in the USA is used, presented in Table 6.3 [74, 75]. It is assumed that all hydrocarbons

are alkanes.

Table 6.3: Composition of natural gas found in the US Gulf Coast area [74, 75].

Component Mole fraction Trace Amount
(%) components

N2 1.25 S-components | 5.5 mg-m=3

CH4 91.01 H20 | <65 mg-m-3

C2 4.88 O2 | 0.01 mole%

Cs 1.69 CO2 | 0.01 mole%

Cs 0.66

Cs 0.27

Cs 0.13

C7 and above 0.11
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6.2.1 Methodology

The applied design methodology is based on the method described by James M. Douglas
and is derived from the book "Conceptual Design of Chemical Processes" [76]. Separation
method selection is based on the selection schemes published by Barnicki and Fair [77,
78].

Various alternatives were identified and the least attractive were rejected based on
heuristics, as recommended by Douglas [76]. Several iterations were made, ending up with
the final operation block diagram as presented in Figure 6.3. The final flow sheet was
evaluated using Aspen Plus [79]. Note that exclusively the heat-exchanger over the reactor
has been included in Figure 6.3, due to its importance both for the process design (further
explained in section 6.2.8) and process economics (explained in section 6.2.9).

Figure 6.3: Functional block diagram of the designed process for direct coupling of
methane using the Fe©SiO2 catalyst, for more details see Figure 6.5 and Table 6.5.

6.2.2 Gas pre-treatment

Natural gas contains many impurities as shown in Table 6.3. It is likely that these
impurities will poison or foul process steps and need to be removed. All sulphurous
compounds are removed using a caustic scrubber, which also removes any CO2. It is chosen
to leave all hydrocarbons in the feed stream, to maximize carbon utilization and to prevent
high separation costs for removing the C2:+ hydrocarbons at these concentrations. It is

assumed that the natural gas has already been cleaned before entering the process.

6.2.3 Physical and chemical considerations for the reaction

All research concerning the NOCM reaction reported thus far, was performed at
atmospheric or sub atmospheric pressures [32, 42-49]. This is highly undesirable from a
design perspective, because low pressures require larger volumes for the installed reactor
and the additional unit operations such as heat exchangers. Furthermore, low pressures
are highly disadvantageous for gas-gas heat exchange. On top off that, higher pressures
are required to facilitate the separation of the products. This clearly shows the requirement
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for the reactor to operate at elevated pressures. Kosinov et al. [63] reported that increasing
pressure from 1 to 15 bar reduces coke selectivity from 33% to 11% and also increased

catalyst productivity from 33 to 160 mmolCH4-gc.r'! in the MDA reaction.
xCH4:(;Hy+(2x—§)H2 equation 1

The NOCM reaction results in a considerable increase in volume, due to the significant co-
production of hydrogen (equation 1). Le Chatelier's principle dictates that at higher
pressure the equilibrium of equation 1 will favour the reactant side and thus methane
conversion will be limited. The equilibrium methane conversion as function of total
pressure was modelled, using Aspen Plus [79], allowing ethylene, benzene, naphthalene
and hydrogen as products (Figure 6.4). The reported minimum single-pass conversion for
a feasible methane coupling process is between 25-30% depending on the process [22, 59,
60]. The influence of pressure on the maximum achievable conversion in the reactor was
estimated by correcting the conversion achieved by Guo et al. [32] at 1 atm and 1000°C
along the equilibrium line shown in Figure 6.4 and corrected for the decreasing coke
formation as function of pressure reported by Kosinov [63]. It was found that 5 bar is the
optimal pressure for the reactor operated at 1000°C, resulting in 28% single-pass methane

conversion, details can be found in S.1.
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Figure 6.4: Methane conversion at thermodynamic equilibrium as function of reactor
pressure at temperatures ranging from 960 to 1040°C; calculated using Aspen plus [79],
using a Gibbs reactor allowing for the formation of ethylene, benzene, naphthalene and
hydrogen; The colour coded triangles represent the maximum reported experimental

conversion at the stated temperatures [32] (all at 1 bar).
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The selectivity data presented by Guo et al. [32] at 1000°C and 1 atm pressure will be used,
because this is the only paper that reports data measured at industrially relevant
conversion levels. The selectivity values have been corrected for the increase in pressure,
as described in detail in S.2. The selectivity values are presented in Table 6.4. Note that the
reported selectivity distribution is already close to thermodynamic equilibrium when

compared to Figure 6.2b, the main difference is a higher ethylene selectivity.

Table 6.4: The assumed carbon selectivity of methane towards the three carbon-containing

products based on [32].
Hydrocarbon product Carbon selectivity
Ethylene (C2H4) 21C%
Benzene (CsHs) 26 C%
Naphthalene (C10Hg) 53 C%

The reactor feed contains not only methane, but also small amounts of C2+ hydrocarbons
(percentage level), as shown in Table 6.5. These hydrocarbons are significantly less stable
under reaction conditions compared to CHa. Guo et al. [32] showed that addition of small
amounts of ethane to the reaction mixture will both cause a significant increase in reaction
rate, but also co-produce coke. Ethane and ethylene are potent free radical initiators [80-
83] and chapter 3, significantly enhancing methane conversion. It can be safely assumed,
based on experimental data from chapter 3, that increasing the space velocity can largely
prevent the coke formation due to Ca+ hydrocarbons, while keeping the same conversion
as a consequence of the increasing reaction rate. However, it is unlikely that coke
formation can be completely prevented by tuning the space velocity. Unfortunately, there
is no information on the effect of addition of small amounts of C3+ hydrocarbon on the
performance of the NOCM reaction. Therefore, it is assumed for design purposes that
coking from C2-4 hydrocarbons can be prevented, but that all Cs+ hydrocarbons will react
swiftly to coke. In reality, all C2+ hydrocarbons will cause formation of some deposits. Note
that a variance in the coke selectivity will not significantly impact the carbon balance of
the process, as long as fuel combustion is required to overcome the endothermicity of the
reaction. More details concerning the impact of the assumed coking rate will be given in

section 6.2.5.

6.2.4 Process overview

A detailed overview of the process can be seen in Figure 6.5. Cleaned makeup-gas enters
in stream #1 and is mixed with the recycle stream #36. It passes a heat-exchanger
(Hex-102) and a furnace (HU-101) before entering the reactor (R-101). An FCC-type
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reactor has been chosen for continuous coke removal from the catalyst, more details
concerning the reactor are given in section 6.2.5. The product gas from the reactor is first
quenched to 600°C in an oil-quench (CU-101), to stabilize the product mixture after the
reactor and prevent further coupling and coke formation. The stream after the quench (#5)
is further cooled with the feed stream (#2) in a heat exchanger (HEX-102). In R-101 the
NOCM reactions proceed at 5 bar and 1000°C as discussed in the previous section. In
Section 2 the product gas is compressed first from 5 to 35 bar, with interstage coolers
CU-103 and CU-104 and condensate separators (S-101 and S-102) to remove any
aromatic condensates. After compression, the remaining aromatic species are removed (in
section 3) in an absorption column using sulfolane (S-103). After regeneration of the
sulfolane (S-105) the aromatic streams from the condensate separators (stream 8 and 12)
as well as the absorption section (stream 21) are mixed and upgraded in section 5 by
distillation (S-107) to get the products benzene (#24) and naphthalene (#23). Part of the
naphthalene stream (#23b) can be split off to use in both heater HU-101 and the reactor
(R-101) to accommodate part of the heating duty, with the remainder of the naphthalene
following stream #23a. The benzene stream is cooled and treated in a phase separator (S-
108) to reach the final purity of 99.8%. The aromatic-free product stream (#29) of the
absorber S-103 continues to the membrane section (section 4) for hydrogen separation
(S-104). The remaining hydrocarbon stream (#32), consisting mainly of methane and low
concentrations of ethylene, is mixed with stream #28 from the benzene purification
section and recycled to the reactor inlet and mixed with the fresh-feed stream. The recycle
contains a purge (#35) of 2% to prevent the build-up of inert impurities in the system. The
stream size and composition concerning these sections are presented in Table 6.5. The
choices made in the sequence and techniques used for product separation and purification

are detailed in the section below.
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Table 6.5: The conditions and molar flows of the main streams represented in Figure 6.5.
The content and conditions of all other flows are presented in Table S 6.1 in S.4; note that

most streams omitted from this table have got the same composition as ones presented
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Figure 6.5: Process flow diagram, divided in five operational sections, based on function.
Section 1 is the conversion section, concerning the reactor and heating and cooling.
Section 2 concerns the compression of the product stream, with intermediate flash-tanks
to remove any condensing aromatics. Second 3 removes the remaining aromatics from the
product stream. Section 4 consists of membranes to separate most of the hydrogen.

Section 5 concerns the aromatic purification.

6.2.5 Reactor design

The reactor performance (i.e. conversion and selectivity) has been estimated and fixed in
this process design, because of the uncertainties in performance of non-oxidative coupling
of methane reaction with respect to the effects of operating conditions on methane
conversion, selectivity distribution and coking rates, as discussed in section 6.2.3. Reactor
design consideration will still be discussed below, due to the high importance of reactor

design on process performance.

Preheating in the heat-exchanger in section 1, Figure 6.5, is limited to 600°C in order to
prevent coke formation in the feed before reaching the catalyst bed. Heating from 600 to
1000°C must be realised as quickly as possible in the reactor, just upstream of the catalyst
bed as shown in chapter 2. The required heat input for preheating the feed from 600 to
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1000°C is calculated at 165 MW (2.0 MJ-kgmethane!). The reaction itself is highly
endothermic, as shown in Table 6.2. The required heat amounts to 142 MW
(1.7 MJ -kgmethane 1), calculated with Aspen Plus [79], resulting in a total heat input for the
reactor of 307 MW (3.7 MJ-Kkgmethane!) (Table 6.6). This sizable heat input can be
accommodated in various ways, firstly 61 MW can be accommodated by burning the purge
gas (mainly methane, stream #35) and another 10 MW can be obtained by burning the
formed coke during catalyst regeneration. The remaining 236 MW can be generated by
either i) burning the naphthalene, from stream #23, ii) burning the hydrogen, from #30,
produced in the process, iii) by burning part of the methane process feed, iv) by electric
heating. Burning hydrogen or electric heating, at 4 $ct-kWh-1 [84] are both deemed too
expensive in the current market, although both options will significantly reduce the CO2
emissions of the process. Natural gas is the cheapest option for supplying the required heat
[85, 86]. However, for this process design it was chosen to use the naphthalene as heat
source for the remaining 236 MW, due to the large quantity of naphthalene produced as
well as the limited market size [87]. Using the lower heating value of 38.9 MJ-kg1 [86] it
can be calculated that 6.0 kg-s-! naphthalene is required, out of the 10 kg-s-! from stream
#23 (Figure 6.5 & Table 6.5). Providing the required heat to the reactor will be very
challenging, due to the high required heating rate to prevent coking (chapter 2). The feed
can be heated from 600°C to 1000°C with a multi-tubular gas-fired heater (unit HU-101
in Figure 6.5),, comparable to a cracking furnace. It is imperative to make the thermal
driving force as large as possible, as well as supplying an inert lining on the inside of the
tubes, to prevent heterogeneous activation of methane and especially higher
hydrocarbons. The method to add heat for the endothermicity of the reaction depends on
the choice of reactor. In a fluidized bed reactor, such as a FCC-type reactor, the heat can
be supplied by preheating the catalyst. The catalyst is synthesized at 1700°C [32] and is
therefore expected to be stable up to ~1600°C. As discussed above, 10 MW of heat can
produced by burning of the coke on the catalyst during regeneration. The rest
(142-10=132 MW) is supplied by burning the naphthalene. Assuming the catalyst is
cooled from 1600°C to 1000°C during the reaction, this would result in a catalyst
recirculation rate of 310 kg-s! (resulting in a catalyst to gas mass flow ratio of 3:1). This
catalyst recirculation rate can be lowered, or even a fixed-bed operation can be used, if the

heat is supplied through multi-tubular gas-fired heaters, similar to pre-heating of the gas.

Coking will likely occur in the reactor, independent of the catalyst or reactor design, as
discussed above. This coke has to be removed from the reactor to prevent deactivation,
fouling or blocking. Two types of industrial reactors will be able to handle these conditions,
namely a FCC-type of reactor [88], with an independent conversion and regeneration
section, or a Catofin reactor [89], where conversion and regeneration are handled in a

simulated moving bed arrangement. The FCC reactor is optimal for high coking rates,
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leading to deactivation in a timespan from seconds to minutes, whereas a Catofin reactor
is most useful when regeneration is required between tens of minutes to hours. The FCC
reactor was chosen for this process design, as coking rates are probably significant, leading
to the formation of a monolayer of coke on the catalyst in 36 to 80 seconds. This
assumption is based on the time required for the Cs components to form a monolayer of
graphitic carbon on the surface of the catalyst [89]. Furthermore, chapter 2 and a SABIC
patent [62] both showed that limiting the contact time in the catalyst-bed, in favour of
longer residence time in the gas-phase in the reactor at high temperature, increases
productivity while decreasing deposit formation. It must be noted that the work by Guo et
al. [32], used as performance data for the FCC reactor in this process design, was measured
on lab scale in a fixed bed reactor. As discussed in the process overview, an oil-quench will
be used to quickly bring down the temperature and stabilize the product mixture after the

reactor, as discussed by Nagaki et al. [62].

Table 6.6: The parameters chosen or calculated for the reactor; the selectivity distribution
is shown in Table 6.4.

Reactor parameter Chosen or calculated value
Temperature 1000°C

Pressure 5 bar

Single pass methane conversion 28%

Single pass C2+ conversion 100%

Required heat input: pre-heating feed 165 MW

Required heat input: reaction endothermicity 142 MW

Total required heat input to reactor 307 MW

6.2.6 Separation parameters

It is best practice to evaluate first separation of the largest product fraction, as described
by Douglas et al. [76] and Barnicki and Fair [77, 78]. In this case, the main product from
the NOCM reaction is hydrogen, accounting for up to 32 vol% of the reactor outlet stream,
as can be seen in Table 6.5. All hydrogen separation technologies considered tend to foul
in the presence of aromatic compounds [90-92] and naphthalene will condense at the used
temperature and pressure ranges. Thus, deep aromatic removal is required as first
separation step. Deep aromatic removal is most easily achieved with an absorption process
using sulfolane as solvent, commonly used in industry for aromatic separation [7]. It was
also considered to use the produced naphthalene, or high-boiling oil as solvent, but this

did not yield the required separation efficiency. Other options considered and evaluated
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were a simple flash or a distillation column. Both, either did not yield the required

separation, or were too costly due to the required temperatures.

The sulfolane is recovered by means of distillation. The resulting aromatic streams are
combined and distilled to obtain a pure benzene (99.2 vol%) and pure naphthalene stream
(99.8%).

Polymeric membranes are the most suitable option for hydrogen separation [90-93], based
on their maturity in industry as well as the process conditions. This results in a hydrogen
stream with 95.5 vol% purity, which can be further increased by use of PSA, although this
is out of the scope of this study. Other evaluated options include different types of
membranes, i.e. palladium, silica or carbon based membrane [86, 94-98] and pressure
swing adsorption (PSA) [99]. The concentration of hydrogen in stream #29 is lower than
required for PSA separation[99], although this technique can be used to further purify the
permeate stream (#30) and thus increase the value of the produced hydrogen. Palladium
membranes are too expensive[94], silica membranes tend to suffer from rapid degradation
and have not yet seen industrial use[98] and carbon-based membranes have thus far not

been used for separating hydrogen from hydrocarbon mixtures.

The remaining stream after hydrogen separation contains mainly methane with
percentage amounts of ethylene, around 3 vol% at this stage, see Table 6.5, stream #31.
Cryogenic distillation is the only ethylene recovery method applied at large-scale [100].
The separation costs per ton of ethylene is estimated at 1900 $-ton-!(see supporting
information S.3), significantly more than the 2020 ethylene retail price of 1,000
$-ton"1[101]. A more energy efficient method to separate ethylene from methane is
needed, or the ethylene concentration should be at least doubled, in order to make the
recovery viable. For this reason, all ethylene is recycled back into the reactor, converting it
further to benzene and other aromatics. This results in the loss of 104 kton-y! ethylene,
for a total gross value of 104 mln$-y! in ethylene, although it must be noted that the
ethylene is converted into benzene, naphthalene and hydrogen in the recycle, thus
minimizing the value lost.

6.2.7 Carbon efficiency

The total carbon efficiency of the process amounts to 86%, based on the mass balance in
Table 6.5. This value becomes 54%, when discounting for the naphthalene burned for
supplying the heat to the reactor. These values are in the ballpark of the current Fischer-
Tropsch style processes, which operate at carbon efficiencies between 60-65% [26].
Unfortunately, the process yield of benzene is only 32% based on carbon, the rest of the
carbon ends up in naphthalene. Therefore, naphthalene upgrading to added value
products is necessary. Currently, naphthalene is used as precursor to phthalic anhydride,
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as well as various azo-dyes and pesticides [102]. Naphthalene can be selectively
hydrocracked to mono-aromatic hydrocarbons, using a blend of hydrogen and methane as
cracking agents, at 400°C and 40 bar [103]. Full naphthalene conversion was achieved
after 1 h in an autoclave, using Zn/HY as catalyst. The main products are toluene and
propane.

Hydrogen is also a major product of the NOCM process, which should be considered as a

valuable product in the emerging hydrogen economy [104].

6.2.8 Heat integration and pinch study

The total heating duty required in the process is 187 MW and the total cooling duty
amounts to 247 MW (9.8 MJ-kgmethane! and 13.0 MJ-kgmethane! fed to the process
respectively). This includes the heating of the reactor feed to 600 C. However, it excludes
the preheating of the reactor feed from 600-1000°C, the endothermic heat input for the
reactor, as well as the cooling duty required in the initial quenching of the product mixture
from 1000-600°C after the conversion reactor. These heat duties are left out since they
cannot be used in heat-integration due to the high required heating and cooling rates to
prevent coke-formation (chapter 2), as explained in the reactor design section. The heat
in the oil used to quench the reactant mixture is exchanged to generate high pressure

steam.

The heat integration evaluation for this process is based on a pinch-study using 10°C as
temperature difference at the pinch. The resulting composite curves can be found in Figure
6.6a. The pinch temperature is at 600°C which means all streams evaluated are below the
pinch and only cooling utility is needed. Based on the composite curve a network of heat-
exchangers and coolers is developed, presented in Figure 6.6b and also incorporated in the
PFD (Figure 6.5). The first heat-exchanger (HEX-101) is used to cool the benzene stream
from distillation column S-107 before it is flashed to remove any remaining lighter
hydrocarbons (S-108), the cooling is done with the expanded gasses of the recycle. The
second heat exchanger (HEX-102) is used to heat the reactor feed and cool the product
stream, note that this heat exchanger needs to exchange 149 MW of heat
(1.4 MJ-Kgstream™!), which considering the heat exchange between two gas streams results
in 68000 m? of heat-exchange area required, due to the low AT of 10°C at the pinch. The
third heat exchanger (HEX-103) is used to heat the feed of the sulfolane recovery
distillation column (S-105) while cooling the returning lean sulfolane from the reboiler of
the distillation column. After which only a cooling duty of about 45 MW is left, which will

be handled by cooing water since it is below 140°C.
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Figure 6.6: (a) Composite curve following the pinch study; (b) heat exchanger network
developed based on the pinch study.
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Considering the very large required surface area for heat exchange and similarly large
investment costs associated with HEX-102, it needs to be re-evaluated. An increase in
minimum temperature difference over the heat exchanger will significantly reduce the
required surface area for heat exchange, at the cost of requiring additional heating and
cooling duty. If both the costs of HEX-102 and the additional costs of extra required
cooling and heating are taken into account, calculated over the depreciation period of 10
years, assuming 15% interest per year over the investment, one obtains Figure 6.7. It is
clear that the costs for HEX-102 will be minimal at a minimum temperature difference of
40°C, which is a reasonable value for gas-gas heat exchangers. The size of the heat-
exchanger can be reduced to 20000 m2 heat exchange area at this temperature difference,
but does require both 8 MW additional heating and cooling. Although 20000 m? is still a
very large heat exchanger, it is technically feasible. Note that the additional costs for
heating and cooling equipment is not taken into account for this calculation. These

optimization calculations are not included in the final economic evaluation, due to the low

impact.
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Figure 6.7: Optimization of costs for the main heat exchanger (HEX-102), considering a

depreciation period of 10 years.
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6.2.9 Economic evaluation

The plant economics are calculated in US$ in the year 2018, for a benzene production
capacity of 200 ktpa. Equipment was sized using basic design principles. The capital
expenditure (CAPEX) for the equipment was estimated using a combination of cost
estimation tools [105-107]. Equipment costs are estimated using the tools from Matche
[105] and Equipment Costs correlations published in Plant Design and Economics for
Chemical Engineers [106]. The scaling factors for inside and offside battery limits (ISBL
and OSBL) described by Sinnot et al. [107] are used to adjust for installation costs, piping
and other auxiliaries, generally resulting in a Lang factor of 6 (Table 6.7). The CAPEX cost
was corrected for inflation to 2018 using the Chemical Engineering Plant Cost Index
(CEPCI). Note that the used costs for the reactor as well as the membrane section already
include the installation costs, thus their Lang factor was kept at 1. Table 6.7 shows the
capital expenditure split over the different types of installed units, note that ‘columns’
includes both the distillation equipment as well as the flash drums. Using the ISBL and
OSBL factors the total capital expenditure is also shown in Table 6.7. Note that the
inaccuracy of CAPEX costs can be up to 30%, especially considering the uncertainty
surrounding the optimal reactor design.

Table 6.7: Purchased Cost of the main process equipment, the applied Lang factor and the
corresponding total capital investment (TCI).

Equipment Purchased Cost Lang Factor TCI
(mln $) (mln $)
HEX 323 6 194
Pump 0.02 6 0.1
Compressors 25.4 6 152
Columns 1.2 6 7.3
Reactor 120.7 1 121
Mixers 0.2 6 1.1
Membranes 6.1 1 6.1
Total (ISBL) 481
Total (ISBL+OSBL) | (OSBL = 40% of ISBL) 700
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Table 6.8 presents the costs of raw material, products revenue and utility costs. The
amounts are based on the mass and energy balance from Table 6.5. Note that Table 8
shows the results for two situations: 1) 60% of the naphthalene is used for heating the
reactor and the rest is sold, 2) naphthalene is completely sold (results given between
brackets), while natural gas will be used for heating the reactor feed (corresponding value
between brackets). These options will both result in significant CO2 emissions, making the
process not environmentally friendly. Technologies like carbon capture and storage (CCS)
can be used to mitigate this effect but will result in a significant increase in cost. Other
heating options considered include hydrogen as fuel, or electric heating, but these are both
expensive and will yield a large naphthalene product stream without sizable market. This
can only be solved by another process that converts naphthalene (for instance by
hydrocracking) in marketable products. It is assumed that catalyst losses are negligible,
due to the long-term stability [32]. The hydrogen price is relatively low as a result of the
low purity achieved by the membrane. The designed process does not produce any organic
waste streams requiring treatment, as all waste-streams containing hydrocarbons are
combusted for heat generation. Spent catalyst will be returned to the manufacturer.
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Table 6.8: Overview of total Raw material costs, product revenues and utility costs for two
situations. Without brackets shows the value in case naphthalene is partly combusted for
reactor heating. Between bracket shows the value in case naphthalene is fully sold and
extra natural gas is combusted for heating the reactor. The estimates for the costs and

replenishment rate of the catalyst are based on the FCC process [108].

Raw material costs

Components Price Amount Total cost

($-ton1) (kton-year!) | (mln$-year-!)
Natural gas 125[85] 739 (897) 92 (112)
Sulfolane 3000 [109] 0.6 2
Catalyst 3000 1 3

(own estimation)
Total ( min$-year-1) 97 (117)
Products revenue

Components Price Amount Revenue

($-ton1) (kton-year1) | (mln$-year-)
Benzene 860 [110] 194 167
Naphthalene 450 [111] 123 (314) 55 (142)
Hydrogen 800 [112] 119.5 95.6
Steam (from CU-101) 12.1[107] 2890 35
Total ( min$-year1) 353 (440)

Utility costs
Components Price Amount Total costs
(year-1) (mln$-year-1)

Electricity 40$-MWh-1[107] | 399 GWh 16
Cooling water 13-103$-m=3[107] | 52.4-106 m3 0.7
Steam 12.1 $-tont [107] | 126 kton 1.5
Total ( min$-year1) 18.1

Table 6.9 presents the auxiliary costs of the process, namely the costs for wages, technical
assistance and overhead. We have chosen to also include the depreciation of the capital

expenditure in this table, assuming total depreciation of the plant over 10 years.

Table 6.10 calculates the total profitability of the process, taking into account the
information from Table 6.7, Table 6.8 and Table 6.9. Furthermore, the sales, R&D,

administration and management costs are included as well as profit tax.
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Table 6.9: Auxiliary operational costs, including wages, services, property tax, insurance
and depreciation of the CAPEX as presented in Table 6.7.
OPEX cost

Fixed costs Remarks

(mln$-year?)

Operating labour | 5 shifts of 10 operators 5.0
including supervision | each

Overhead 25
Maintenance 30.0
Property tax and | 1% of TCI 7.0
insurance

depreciation 10% of TCI 70.0
Total 114.0

Table 6.10: General expenses, taxes and total profitability of the process, taking into

account the figures shown in Table 6.8 and Table 6.9.

General expenses (GE) % of revenue Total
(ming)

Sales 3.0% 10.5
R&D 5.3% 18.5
Administration 2.0% 7.0
Management 4.0% 14.0
Totaal 50.0
OPEX + depreciation + GE 279.0
Profit before tax 74
Tax 20% of profit 15
Total Profit 59

The total profitability for the base-case process is calculated to be 59 mIn$-y-! after taxes.

It is clear that a process around methane coupling can potentially be very profitable. Even

though this process design is as much as possible based on proven industrial techniques

and processes, it is still based on various significant assumptions in terms of conversion,

product selectivity and costs. Figure 6.8 presents a sensitivity analysis from the base case

presented in Table 7 and 8 The sensitivity analysis presented in Figure 6.8a shows that the

product prices (especially the price of benzene) mainly determines the profitability of the

process. This shows that the profitability can grow considerably if the marketability of
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naphthalene increases. Figure 6.8b shows that the natural gas price also has a significant
impact on the profitability. Figure 6.8c also shows that the CAPEX determines the
profitability only to a limited extend, which is positive considering the high CAPEX
estimate for the reactor and main heat-exchanger (HEX-102) and its uncertainty. The
range of 50% is appropriate for natural gas, which price fluctuated by an average of 30%
on annual basis between 2000 and 2020 in the USA market, decreasing by 50% over this
total period [113]. The market price of benzene fluctuates significantly less at an average
of 13% per year, although 2020 saw a drop of 51% in benzene price[114]. These values
were not available for naphthalene and hydrogen, although it can be safely assumed that
the hydrogen price will closely follow the natural gas price.
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Figure 6.8: The sensitivity of key process factors on the profitability of the catalytic NOCM
process: (a) product prices, (b) reactant costs and (c) the main investment cost of the

reactor and the main heat exchanger.

174



Chapter 6

6.3 Conclusion

The techno-economic evaluation of a detailed process design for catalytic direct coupling
of methane to olefins and aromatics shows significant economic potential to convert cheap
natural gas into valuable benzene and hydrogen. Naphthalene is a significant by-product,
which is mainly combusted in the current process design for heating the reactor with the
consequent emission of CO2. If electrical heating or hydrogen combustion is used a large
quantity of naphthalene will be available, saturating the current market. It is therefore
necessary to look for other processes to convert the naphthalene into valuable products,
such as mono aromatics. The profitability of the process is mainly determined by the

product prices with a dominant role for benzene and hydrogen.

The process also has several challenges such as the integrated heating of the gaseous feed
(with the gaseous product) and the heating of the reactor itself with duties of 165 MW and
142 MW, respectively. The excessive heat exchanger area can be reduced by operating at a
higher temperature difference and 40°C is estimated to be optimal, increasing the heating
and cooling duty. The suggested reactor for this process is a FCC-type reactor operated at
a pressure of minimal 5 bar, using the catalyst as the heat transfer medium at the same
time. Both the primary heat exchanger as well as the reactor account for more than half of
the total investment costs, due to their required capacity and extreme condition (1000°C).

Any optimization regarding these units can result in a significant decrease in process costs.

Several critical assumptions are at the basis of the design which need to be validated, for
instance the conversion and selectivity at 5 bar and 1000°C, effect of carbon deposition on
catalyst activity and the effect of higher concentrations of hydrocarbons (C2+) in the reactor
feed on both reactivity and carbon deposit selectivity.

The minimal required reactor pressure is five bar. It is suggested to test reaction
performance at increased pressure, as well as concerning impurities in the feed, i.e. C2-5
hydrocarbons. Current industrial hydrogen separation techniques are sensitive to fouling
and requiring low temperatures. Therefore, deep aromatics removal is required before
hydrogen purification. Lastly, the required heat exchangers at the reactor are large and
require significant additional heating and cooling, due to the large duty in combination
with the low heat transfer coefficient. Overall, an increase in pressure in the reactor will
lead to lower heat-exchange area and less compression required for the separation.
Experiments should validate if adequate natural gas conversion can be reached at elevated

pressure.
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6.4 List of abbreviations

FT Fischer Tropsch

MTO  Methanol to olefins

GTL Gas to liquids

MDA  Methane dehydroaromatization
OCM  Ocxidative coupling of methane
NOCM Non oxidative coupling of methane
NPV  Net present value

Ktpa Kilo ton per annum (year)
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6.6 Supporting information

6.6.1 S.1 Methane conversion calculations

Guo et al. [32] achieved 31% CHa4 conversion at 1000°C, compared to the equilibrium
conversion level of 50% [52]. The equilibrium conversion decreases to 35% when
increasing the pressure to 5 bar, as shown in Figure 6.4. A conversion of 22% would be
achieved if the conversion reported by Guo would decrease to the same extend. Kosinov et
al. [63] showed that at higher reactor pressure coking rates diminish significantly, while
methane conversion rates increase. Therefore, we assumed that a conversion closer to
equilibrium would be achievable at higher pressures. The fractional decrease in coke
selectivity reported by Kosinov as function of pressures was used a measure for the fraction
closer to equilibrium we could achieve. In this case at 5 bar the coke selectivity was halved
compared to atmospheric pressure. Assuming we can also halve the difference between the
achieved single-pass conversion and the thermodynamic equilibrium we obtain a single

pass conversion of 28%.

Note that when taking into account the conversion of C2+ hydrocarbons (explained below)

the overall methane conversion drops to 22.3%, based on stream #2 and #7 Table 6.5.

The process performance has been evaluated at pressures between 1-10 bar reactor
pressure, Figure S 6.1a shows that the internal stream size significantly reduces up to a
pressure of 5 bar, at which point it flattens. The initial decrease is due to the benefits of a
compressed stream, the reason for the reduction in this effect is the reduction in methane
conversion. The same trend can be seen in Figure S 6.1b, which shows the expected profit
per quantity of natural gas used, which also increases up to 5 bar and then flattens off.
Thus 5 bar reactor pressure is chosen as an optimized pressure for this system. Although
experimental proof is needed to validate this choice.
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Figure S 6.1: Optimization of reactor pressure; the effect of reactor pressure on (a) the
internal stream size in the reactor section (m3-s1)) and (b) profit per quantity of methane
fed ( mIn$-kT-1).

6.6.2 S.2 Product selectivity

For the reactor modelling in Aspen Plus the following approach is applied. The feed stream
is split in 4 parallel streams:

The first stream is a methane bypass, simulating the unreacted methane.

2. The second stream models the methane conversion in a stochiometric reactor,
with the selectivity as described in Table 6.4 in the main text.

3. Thethird stream contains the higher hydrocarbons as well as hydrogen and inert,
excluding Cs. The conversion and selectivity of these reactants are calculated in a
Gibbs-reactor where a thermodynamic equilibrium is calculated allowing for the
formation of all components listed in Table 6.4, as well as the input reactants, at
aT =1000°C and P = 5 bar. These reactor conditions will be explained later on.

4. The fourth stream converts Cs to elemental carbon (coke) and hydrogen.

Finally the four product streams are mixed and is assumed to be the reactor product

stream.

The assumed selectivity as described in (ii) has been corrected for the variation in pressure,
shown in Figure S 6.2. Benzene and naphthalene were corrected according the
thermodynamic equilibrium, with ethylene used to close the carbon balance. These
theoretical results show the same trend in the MDA reaction as experimentally shown by
Kosinov et al. [63].
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Figure S 6.2: modelled shift in molar selectivity towards ethylene, benzene and

naphthalene as function of reactor-pressure.

6.6.3 S.3 Cost analysis of ethylene recovery in the presented NOCM
process

The order-of-magnitude calculations concerning the recovery of ethylene using cryogenic
distillation are based on Seider and Lewin [115]. The costs for refrigeration are estimated
at 50 $-GJ1 [115] for the cooling needed to reach the 110 K required to liquify ethylene
for the separation. Based on the heat capacity of stream #34 in Table 6.5 and the
temperature difference of 184 K between 21°C and 110 K, Aspen Thermo Data calculates
a minimum energy requirement of 9.3 MJ-kgethylene'!. The real required energy input for
cryogenic distillation is estimated at four times the minimum value [116], resulting in 37
MJ-Kgethylene'!. This results in a cost of 1900 $-tonethylene! which is nearly twice the current
market value of 1000 $-tonethylene! [101]. Note that the value will likely be higher when the
required CAPEX is including [117].
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6.6.4 S.4 Composition of all streams considered for the process

Table S 6.1 The conditions, molar flows and molar fractions of all process streams

represented in Figure 6.5 of the main text.

# Stream 1 2 3 4 5 6 7 8 9 10 11 12 13 14
T (°C) 20 21 | 590 | 1000 | 600 | 100 90 90 90 | 200 90 90 90 | 218
P (bar) 5 5 5 5 5 5 5 5 5| 124 | 124 | 124 | 124 35
n (Mmol-hr1) | 471 | 20.2 | 20.2 | 23.,5 | 23.5 | 23.5 | 23.5 | 0.22 | 23.2 | 23.2 | 23.2 | 0.05 | 23.2 | 23.2
CH4(%) | 91.0 | 83.0 | 83.0 | 55.5 | 55.6 | 55.6 | 55.6 | 0.39 | 56.1 | 56.1 | 56.1 1.0 | 56.2 | 56.2
C2Hs (%) 4.9 1.1 1.1 0 0 0 0 0 0 0 0 0 0 0
CsHs (%) 1.7 0.4 0.4 0 0 0 0 0 0 0 0 0 0 0
CiHio (%) 0.7 | 0.15 | 0.15 0 0 0 0 0 0 0 0 0 0 0
CsHiz (%) 0.5 | 0.12 | 0.12 0 0 0 0 0 0 0 0 0 0 0
C2Ha4 (%) 0 2.2 2.2 2.0 2.0 2.0 2.0 | 0.05 2.0 2.0 2.0 | 0.13 2.0 2.0
CsHs (%) 0 | 0.09 | 0.09 1.3 1.3 1.3 1.3 4.7 1.3 1.3 1.3 | 11.4 1.3 1.3
CioHs (%) 0 ] 001 | 0.01 1.2 1.2 1.2 1.2 | 94.6 0.3 0.3 0.3 | 874 | 0.11 | 0.11
H2(%) 0 4.1 4.1 | 324 | 324 | 324 | 324 | 0.01 | 32.7 | 32.7 | 32.7 | 0.03 | 32.8 | 32.8
N2 (%) 1.3 8.8 8.8 7.5 7.5 7.5 7.5 | 0.02 7.6 7.6 7.6 | 0.06 7.6 7.6
Stream 15 16 17 18 19 20 21 22 23 24 25 26 27 28
T (°C) 90 96 96 [ 174 [ 190 71 | 210 | 152 | 250 91 91 20 20 | 105
P (bar) 35 35 2 2 0.2 0.1 2 2 2 2 2 2 2 5
n (Mmol-hr1) | 23.2 37 37| 387 331042042068 [0.28 | 041 [ 041 | 0.28 [ 0.13 | 0.13
CH4 (%) | 56.2 2.8 2.8 2.8 0242|242 | 148 0249 | 249 | 045 | 783 | 78.3
C2Hs (%) 0 0 0 0 0 0 0 0 0 0 0 0 0 | 0.04
CsHs (%) 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CaHio (%) 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CsHiz (%) 0 0 0 0 0 0 0 0 0 0 0 0 0 0
CHy (%) | 2.0 0 0 0 0 3.0 3.0 1.9 0 3.1 3.1 | 0.29 9.3 9.3
CsHes (%) | 1.25 7.6 7.6 7.6 0.2 | 64.8 | 64.8 | 41.6 0| 69.6 | 69.6 | 99.2 5.0 5.0
CioHs (%) | 011 | 17.3 | 17.3 | 17.3 | 18.8 5.6 5.6 | 40.3 | 99.8 0 0 | 0.01 0 0
H>(%) | 32.8 | 0.08 | 0.08 | 0.08 0 0 0 ]045 0 0.75 | 0.75 0 | 2.40 2.4
N (%) [ 7.63 | 018 | 0.18 | 0.18 | 0.08 1.6 1.6 | 0.95 0 1.6 1.6 | 0.01 | 5.04 5.0
Sulfolane (%) 0|718 718 | 71.8 | 81.0 | 0.67 | 0.67 | 0.08 | 0.19 0 0 0| 0.01 | 0.01

Stream 29 30 31 32 33 34 35 36 37 38 39 40 41

T (°C) 94 94 94 -2 -1 21 21 21 | 192 | 106 90 90 90

P (bar) 35 1 35 5 5 5 5 5 35 35 35 35 35

n (Mmol-hrt) | 22.8 71 | 157 | 15.7 | 158 | 158 | 0.32 | 155 3.3 33 3.3 0 33

CH+ (%) | 56.8 4.1 | 80.6 | 80.6 | 80.5 | 80.5 | 80.5 | 80.5 0 0 0 0 0

CzHs (%) 0 0 0 0 0 0 0 0 0 0 0 0 0

CsHs (%) 0 0 0 0 0 0 0 0 0 0 0 0 0

CaHio (%) 0 0 0 0 0 0 0 0 0 0 0 0 0

CsHiz (%) 0 0 0 0 0 0 0 0 0 0 0 0 0

CzHe (%) | 2.0 | 0.08 29 29 29 29 29 29 0 0 0 0 0

CeHs (%) | 0.05 0| 0.08 | 008 | 012 | 012 | 0.12 | 0.12 0.2 0.2 0.2 0 0.2

CioHs (%) 0 0| 001 ] 001 | 0.01 | 0.01 | 0.01 | 0.01 | 188 | 188 | 18.8 0| 188

Hz(%) | 33.4 | 95.5 5.4 5.4 5.4 5.4 5.4 5.4 0 0 0 0 0

Nz(%) | 7.7 | 034 | 11.0 | 11.0 | 11.0 | 11.0 | 11.0 | 11.0 | 0.08 | 0.08 | 0.08 0| 0.08

Sulfolane (%) 0 0 0 0 0 0 0 0| 810 | 81.0 | 81.0 | 100.0 | 81.0
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Abstract

Two graft-synthesis methods are used as alternative synthesis methods for the melt-fusion
synthesis of the Fe©SiO: catalyst, used in catalytic non-oxidative coupling of methane.
The first synthesis method adapts the graft-synthesis method reported in literature for
producing an atomically disperse Fe/SiOz2 catalyst used for propane dehydrogenation. This
synthesis method is based on grafting a bis(2,4-dimethyl-1,3-pentadienide)Fe(IT)
(Fe(oCp)2) complex on the silica surface. The second synthesis method is developed
inhouse relying on Fe(II) Phthalocyanine (Fe(II) Pht) as metal-organic compound for
grafting. The catalyst based on Fe(oCp)2 has highly similar performance to the original
melt-fusion Fe©SiO2 catalyst, whereas the Fe(II) Pht based catalyst caused both higher
methane conversion as well as significantly higher coke selectivity. The increased activity
and coke selectivity of the Fe(1I) Pht catalyst is attributed to Fe nanoparticle formation. In
a separate research track, the synthesis of a Ru/SiO2 is attempted, to evaluate if ruthenium
is a more active metal than iron for the methane coupling reaction. Two synthesis routes
are attempted, one is based on ball-milling, adapted from the original synthesis method of
the Fe©SiO2 catalyst, the second synthesis method is based on a sol-gel synthesis. The sol-
gel based synthesis resulted in a thermally stable Ru/SiOz2 catalyst, whereas the ball-mill
based synthesis lead to complete sublimation of RuO2 during fusion at 1700°C. The
Ru/SiO2 catalyst has a slightly better performance than blank SiO2, but significantly lower
conversion when compared to the Fe©SiO2 catalyst, it is thus concluded that the Ru/SiO2
catalyst is significantly less active than their Fe©SiO2 counterpart. The graft synthesis
based on Fe(oCp)2 shows high promise as alternative synthesis method for Fe©SiO2 and
will allow for significant control over the shape and size of the catalyst.
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7.1 Introduction

The method employed for the synthesis of the Fe©SiO2 catalyst [1] is both process-
technically intensive as well as difficult to control. Personal communication with Xinhe
Bao [2] showed that a zirconia milling jar with de-gassing lid was used in the original work.
The Vickers hardness of yttria stabilized zirconia is 1250 kg-mm-2 [3] whereas quartz has
a hardness between 1103-1260 kg-mm-2 [4], it is thus inevitable that zirconia from the
milling balls will wear off into the milled powder after 16h of milling. The zirconia content
in the catalyst was also observed by Han et al. [5], although no other author working on
the Fe©SiO2 catalyst mentioned it [1, 6-8]. It is proposed that the dots in the STEM-
HAADF image presented in Figure 2a by Guo et al. [1] (Figure S 7.1 for quick reference)
are more likely Zr atoms in the SiO2 matrix than the Fe atoms proposed by the author, due
to the higher atomic mass of Zr compared to Fe, resulting in the higher contrast seen in
the image. Work by Zhang et al. [9] showed that uncoordinated Zr sites can be active in C-
H bond activation in a fashion similar to that proposed by Guo et al. [1] for the Fe sites. It
can thus be proposed that at least part of the activity of the Fe©SiO2 catalyst stems from
the traces of zirconia. This hypothesis can be tested by changing the Zr concentration in
the Fe©SiOz2 catalyst.

Figure 7.1: Phase diagram of SiO2 and ZrO2[10].
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7.1.1 Experimental details concerning the Fe©SiO: synthesis

Fusion of the powder was performed in ZrO2 or corundum crucibles both in this work as
well as by Guo et al. [2]. Trials performed for this work showed that corundum crucibles
shattered in the oven due to the thermal stress, thus only ZrO:> crucibles were used during
synthesis in this thesis. The zirconia content in the fused powder was found to be a
determining factor in the success of the fusion at 1700°C (i.e. fusion into a solid pallet,
rather than remaining a powder), which can be understood when looking at the phase
diagram of SiO2-ZrO2, Figure 7.1. Pure quartz melts only at 1713°C [11], the melting point
decreases to 1687°C when adding up to 5.5% ZrOz, after which it increases again. It is
likely that the Fe2Si04 also influences the melting point of the mixture, although the effect
was clearly not enough to melt Fe2SiO4/SiO2 without ZrO2, as a pure mixture of
Fe2Si04/Si02 would remain a powder after fusion at 1700°C. It was found that the
crucibles turned from beige to dark brown over extended use, signifying iron oxide
penetrating into the crucible. The iron content was found to make the crucibles brittle after
about 20 fusions leading to the crucible shattering. Iron content in the final catalyst was

slightly reduced by the leaching as can be seen in Table 7.1.

Table 7.1: Elemental composition of the catalyst precursor before and after fusion at
1700°C.
Element Fe/SiO:2 power pre-fusion Fused Fe©SiO2

Si 45.1 45.4
Fe 0.6 0.5
Zr 2.4 2.1
Y 0.1 0.2
O (rest) 514 51.8

Itis proposed that the synthesis method, described above, can both be simplified and made
more versatile by using metal-organic complexes to deposit the iron on the silica. The silica
support can be shaped into the desired form, for example a monolith structure, to optimize
mass-transport, heat transport and the free-volume distribution. The iron active sites can
be deposited on the desired location using metal-organic complexes, the atomically
disperse nature of the iron sites can be obtained by choosing the right complex. The
research into this topic has been performed as part of the master assignment of ir. Wouter

Lensing.

Chapters 2, 3 and 5 show the importance of a catalyst with a high activity in generating

methyl radicals, to maximize the conversion achieved in the catalyst bed, while
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simultaneously minimizing the required catalyst contact time to prevent deposit formation
on the catalyst. The Fe active site shows a very limited increase in methane conversion
activity when compared to a blank SiO2 support as shown by Han et al. [5] and Sot et al.
[12]. It is proposed that ruthenium can achieve a higher activity [ 13, 14] while maintaining
similar properties to the Fe©SiO: catalyst, due to position of Ru in the period table just
below iron. Work concerning the ruthenium catalyst was performed by Patrick Cameron
Msc. as part of his master assignment. A recent publication by He et al. [15] showed a
theoretical DFT based screening of all transition metal in the M©SiO2 active site
configuration. They identified Fe, Mn, Tc, Mo, Ta, W and Re as highest potential
candidates, with W©SiOz2 theoretically being the most active methane conversion catalyst.
Ru/SiO2 has lower methane dissection barrier, but is less potent in adsorbing methane
compared to Fe according to the DFT simulations [15]. These theoretical calculations have

unfortunately not been validated experimentally.

Both the graft-synthesis of the Fe©SiO2 catalyst as well as the synthesis of a Ru/SiO2
catalyst will be detailed in sequence bellow.

7.2  Graft-synthesis of Fe©SiO2

7.2.1 Experimental

Two different metal organic complexes were tested, namely bis(2,4-dimethyl-1,3-
pentadienide)Fe(II); (Fe(oCp)2) and Fe(I) Phthalocyanine: (Fe(II)Pht), both shown in
Figure 7.2. Synthesis and deposition were aided by dr. M Hempenius in the Materials
Science and Technology of Polymers (MTP) group of the University of Twente. The
synthesis procedure for the Fe(oCP)2 catalyst was taken from a publication by Hu et al.
[16], who used the atomically disperse iron site to non-oxidatively dehydrogenate
propylene via hydrogen abstraction similar to the methane activation in this thesis. The
catalyst we synthesized was also tested for propane dehydrogenation, giving the same
performance as reported by Hu, thus confirming the successful reproduction of the
catalyst. The synthesis method for the Fe(II)Pht catalyst was developed in-house. It is
proposed that the bulky and flat structure of the phthalocyanine ligand (Figure 7.2b) will
hopefully cause a disperse monolayer on the support surface, controlled calcination will
subsequently remove the organic ligand, forming atomically disperse iron-sites on the
support. Synthesis involved dissolving the Fe(I)Pht in DMSO after which it is mixed with
the silica support and kept under agitation overnight. The silica is then washed 2 times in
acetone and dried under vacuum at 50°C. The organic ligand is removed via calcination at
650°C in 5%air/N2 atmosphere, to yield the final catalyst.
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a) f b)

Figure 7.2: The molecular structures of (a) bis(2,4-dimethyl-1,3-pentadienide)Fe(II):
(Fe(oCp)2 (b) Fe(I1) Phthalocyanine: (Fe(II) Pht).

7.2.2 Results and discussion

The original Fe©SiO2 catalyst is synthesized using ball milling followed by melt-fusion [1],
it is most likely that the majority of the iron atoms are buried inside the silica matrix and
will not participate in the NOCM reaction. The STEM-HAADF image presented in Figure
2a in the publication Guo et al. [1] allowed to calculate the surface density of the supposed
active sites. The STEM-HAADF image is included in the supporting information of this
chapter, for ease of reference. For the used particle size fraction of 250-500 um this
amounted to 0.026 wt% Fe on the catalyst surface. This value was used as target for
synthesis of both graft-based catalysts. Table 7.2 shows the resulting concentration of iron
found on the three different catalysts, i.e. two catalysts synthesized via the grafting
methods and the control melt-fusion based catalyst. It proved difficult to control the
quantity of iron deposited using the two grafting methods, although the Fe(oCp)2 method
based on the work of Hu et al. [16] proved easier to control. No XRD measurements were
performed of the Fe(oCp)2 and Fe(IT)Pht catalysts, the XRD diffractogram of the Fe©SiO2
isincluded in chapter 2. It is highly unlikely that the XRD diffractograms of the Fe(oCp)2
or the Fe(II)Pht catalysts would show any difference to the diffractogram of pure quartz,
due to the very low Fe loading and the non-destructive, low temperature synthesis method,
making the formation of a different crystal phase highly unlikely. More measurements are
required to prove the claimed single-atom active site. Ideally the catalyst should be
characterized by XANES/EXAFS and STEM-HAADF to give definitive proof of the atomic
dispersion. An added benefit would be the clearer distinction between Zr and Fe atom in
the STEM-HAADF image of the original Fe©SiO2 catalyst, since the graft-synthesized

catalyst will contain no zirconia, alleviating the confusion pointed out in the introduction.
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Table 7.2: XRF analysis of the Fe/SiO2 catalysts synthesized using the grafting methods
based on Fe(oCp)2 and Fe(II)Pht, compared to the bench-mark melt-fusion Fe©SiO2

catalyst.
Catalyst Target wt% Fe XRF measured wt% Fe
Fe©SiO2 0.5 0.5
Fe(oCp)2 0.026 0.051
Fe(II)Pht 0.026 0.19

Figure 7.3 shows a comparison in performance between the two graft-based catalyst
described above and the original ball-milled Fe©SiO2 catalyst. The performance of the
melt-fusion Fe©SiO2 and the Fe/SiO2 synthesized using Fe(oCP)2 are comparable,
showing similar conversion and olefin selectivity. The catalyst based on Fe(oCP)2 does
show a lower selectivity to aromatic species, compared to Fe©SiO2, this is attributed to the
different crystal phase of the catalyst. The silica in the Fe(oCP)2 based catalyst is in the
a-quartz phase, whereas the silica in the Fe©SiOz2 catalyst is in the (-cristobalite phase.
Han et al. [5] showed that cristobalite significantly reduces the coking tendency of the
catalyst compared to quartz, leading to higher aromatic yields. The carbonaceous deposits
on the spent catalyst were not quantified during this work. The Fe(II)Pht based catalyst
shows both a higher conversion and significantly lower product yield compared to both the
Fe©SiOz2 catalyst and the Fe(oCP)2based catalyst. The higher activity can be explained by
the higher Fe loading shown in Table 7.2 and lower total hydrocarbon selectivity hints at
the formation of Fe nanoparticles. Fe nano-particle/SiO2 catalyst presented as
comparisons in previous literature [1, 5] showed a significantly higher coking tendency
due to C-C coupling on adjacent Fe atoms. It is speculated that either the phthalocyanine
ligands will stack on top of each-other due to the delocalized pi-structure, and hence bring
the Fe ions in close contact with each other during calcination, or the iron atoms
agglomerate into nanoparticles during sintering, due to the high surface concentration
(Table 7.2).

Note that all measurements presented in Figure 7.3 were measured with and older oven-
system, which was later replaced by the oven system first described in chapter 2 and used
for all measurement presented in chapters 2-5. Note that there is no insulation between
the three zones in the older oven system and there is hence no control over the temperature
profile. The Fe©SiO2 performance shown as comparison in Figure 7.3 was also measured

in the old system.
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Figure 7.3: Performance comparison between 3 different Fe/SiO2 catalyst; Fe(c)SiO2
synthesized by melt-fusion and both Fe(oCP)2 and Fe(II)Pht synthesized via graft
synthesis using different metal organic complexes; reactor temperature: 1000°C; space
velocity at 3.2 1-gcat-1-h-1; 1.0 g catalyst 250-500 pm.

The research into this topic was not pursued further. Suggestions for future research
involve: testing the synthesis method based on the Fe(oCp)2 with SiO2 in the cristobalite
phase, which can be easily achieved by calcining the SiO2 at 1700°C for 6h before Fe
deposition. It would be interesting to vary the loading of Fe deposited on the support. It is
expected that conversion will increase while maintaining the total carbon to products
selectivity, when increasing the Fe loading, as long as the surface concentration of Fe sites
is low enough to maintain atomic dispersion. Fe will start sintering into Fe-nano particles
once a critical surface concentration is reached, likely leading to a sharp decrease in total
carbon to products selectivity, while simultaneously increasing the coke-selectivity, as
discussed concerning the Fe(IT)Pht based catalyst.

The real benefit of the deposition method lies in the versatility it offers with respect to the
shape of the catalyst. Research on coated wall reactors could be continued [7], using the
deposition method, and expanded further to monolithic catalysts with controlled channel
length, diameter and shape, to optimize catalyst/free-volume distribution and thus

optimize reaction performance.
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7.3 Ru/SiO:2 catalyst

7.3.1 Experimental

Two methods were attempted for the synthesis of the Ru/SiO2 catalyst. Firstly, a sol-gel
method was used [17], dissolving ruthenium triacetylacetinate in acetone which is mixed
with tetraethyl orthosilicate (TEOS) dissolved in ethanol. The mixture was brought to 60°C
and nitric acid was slowly added to hydrolyze the TEOS. The gel was calcined at 300°C in
air, followed by fusion of the resulting powder at 1700°C in air analogues to the Fe©SiO2
synthesis. The second synthesis for Ru/SiO2 was based on the original synthesis method
for Fe©SiO2 described by Guo et al. [1]. RuCls and quartz powder were ball-milled
together overnight. The resulting powder was reduced and dechlorinated with a
stoichiometric quantity of sodium borohydride in ethanol followed by consecutive washing
with ethanol and milli-q water. The powder was dried overnight at 105°C and then also
calcined at 1700°C in air for 6h. The Ru/SiO:2 slabs resulting from the two synthesis
methods were crushed to the desired particle fraction (250-500 um) and leached for 2h in
0.5M HNOs to obtain the final catalyst.

7.3.2 Results and discussion

The same molar concentration of Ru to the 0.5 wt% Fe in the original Fe©SiO2 catalyst
was chosen to have a similar concentration of active sites on the catalyst, and thus allow
for a fair comparison in activity and performance. This results in a target Ru concentration
of 0.9wt% to achieve the same molar active metal concentration as the 0.5wt% Fe©SiO2
catalyst as shown in Table 7.3. The sol-gel based Ru/SiO2 catalyst has the desired
concentration of Ru, but surprisingly the ball-mill derived catalyst shows the correct
concentration of Ru before fusion, but no detectible Ru after fusion at 1700°C. It is likely
that the Ru in the ball-milled sample oxidized and sublimated, since the sublimation
temperature of Ru(iv)O2 is roughly 1200°C [18]. The fact that the sol-gel method did not
see a significant decrease in ruthenium shows that this synthesis is an effective method to
stabilize the ruthenium in the SiO2 matrix, through chemical bonding that is thermally
stable up to at least 1700°C.
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Table 7.3: XRF analysis of the Ru/SiO2 catalysts synthesized using the sol-gel and the ball-
mill methods described above.

Catalyst Target XRF measured

wt% Ru wt% Ru wt% Zr
Sol-gel 0.9 0.83 0.04
Ball mill; pre-fusion 0.9 0 2.2
Ball mill; post-fusion | 0.9 0.84 2.8

The catalyst was furthermore analysed using X-ray diffraction. The diffractograms of the
ball-milled and sol-gel based Ru/SiO2 catalysts are shown in Figure 7.4 compared to the
cristobalite reference. It is clear that the cristobalite phase dominated in the two catalyst.
The ball-milled Ru/SiO2 catalyst shows perfect correspondence with the cristobalite
diffractogram, a logical consequence of the absence of ruthenium. The sol-gel synthesized
Ru/SiO2 catalyst shows two additional peaks, at 42° and 44° 20, as shown in the zoom-in
in Figure 7.4, these peaks could be attributed to the 002 and 101 planes of ruthenium
respectively [19], hinting at Ru nano particles rather than single atom sites. Although it is
also possible that these peaks are causes by a ruthenium silicate, for which there is no
literature reference. The proposed atomic dispersion of the Ru active site has not been
validated. This would require X-ray adsorption techniques or high-resolution TEM
imaging, which could unfortunately not be obtained.
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Figure 7.4: XRD diffractogram of the two synthesized Ru/SiO2 catalysts compared to a
Cristobalite reference [20].

Figure 7.5 shows the comparison in reaction performance between the two Ru/SiO2
catalyst, with the results for Fe©SiOz catalyst as benchmark. Conversion is overall lower
when using the Ru/SiO2 catalyst when compared to the Fe©SiO2 catalyst, although the
product distribution is similar between the 3 different catalyst formulations. The ball-
milled catalyst is analogues to a blank support, which is shown to have significant activity
in methane conversion [5, 12]. Another explanation for the activity of the ball-milled
catalyst is the zirconia (Table 7.3) which can catalyse methane conversion [9]. The sol-gel
derived Ru/SiO2 catalyst has a slightly higher activity than the ball-milled catalyst, but
significantly lower than Fe©SiO2 (Figure 7.5). It can thus be concluded that Ru/SiO2 is
less active in methane activation than Fe©SiO2, although the synthesis method for
Ru/SiO2 could not be optimized. Avenues for improvement could be the synthesis of
Ru2SiO4 prior to ball milling, analogue to the Fe©SiO2 synthesis. It should also be
theoretically evaluated if the larger Ru(II) ion can even be incorporated as a single site in

a SiO2 matrix. It is thus suggested to revisit this topic in future research.
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Figure 7.5: Comparison between the Fe(c)SiO2 catalyst and the Ru(c)SiO2 catalyst,
synthesized via either a sol-gel or ball-milling synthesis reactor temperature: 1000°C, pre-
heater and post-heater at 400°C; space velocity at 3.2 1-gcat-1-h-1; 280 mg catalyst 250-500
pum placed in the top 2 cm of the 6 cm reactor-zone (see chapter 2 for more details).

7.4 Analysis of other silicon(-oxide) based catalysts for

direct methane conversion

A patent filed by Xinhe Bao [21], the scientific leader of the group that first published on
the Fe©SiO: catalyst [1], details various catalysts for high-temperature non-oxidative
coupling of methane. Supports used included SiO2 SiOCos, SiC, SisN4 and SiOCo.35No.2,
metals included: Fe, Co, Zn, Mn, Pd, Ti, Ce and Sn, with Mg, Ca and K as dopants.
Surprisingly, all metal supported on silica catalyst show the same activity under the same
condition, i.e. SV and temperature: ~8% CH4 conversion and no coke formation at 4840
ml-geat1-h1 and 950°C. The addition of alkali metal causes an increase in activity; ~15%
conversion at the same conditions, but the alkali metal doping is also shown to cause ~10%
deposit selectivity. The best performance reported in the patent was achieved with an
Fe©SiC catalyst, which is claimed to achieve 12.5% conversion at 950°C and 15200
ml-geat'I-h-l, resulting in 4.8 times the specific activity of the Fe©SiO2 catalyst, while
causing no coke formation. Slater [22] showed that SiC is indeed highly active in activating

methane, whereas SiO2 shows very little activity in methane activation. The Fe©SiC
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catalyst was synthesized by impregnating porous silicon carbide with a aqueous Fe(NO3)3
solution, which was dried under agitation at 120°C. The powder was fused at 2000°C in
vacuum for 6h, followed by a rapid quench in rapeseed oil. These severe conditions
prevented attempting this synthesis inhouse, although it would be very interesting to see
a detailed analysis disclosing the reason for the high activity of the Fe©SiC compared to
the ‘benchmark’ Fe©SiOz catalyst.

It is an interesting observation that there is no discernible difference between any of the
metal/SiO2 catalysts, which are not doped with alkali metal, in terms of performance. It is
speculated, based on the results in chapter 2 and 5, that the reactor used by Guo et al.
[1] in their publication and Bao in the patent [21] is determining for the reaction
performance. The catalyst is solely required for reaction initiation and plays a minor role
as long as a minimum level of activation is achieved in the catalyst bed. Same mass of
catalyst, 0.75g, is used both for Fe©SiOz in the original publication [1] as well as for the
Fe©SiC catalyst in the patent [21]. Conversion achieved with both catalyst are far from
the thermodynamic equilibrium conversion of 44% at 950°C [23]. If the same reactor and
reactor loading is used for both tests then the total flowrate is the only difference between
the two performance tests. If this assumption is true, this means the gas-phase
contribution for the Fe©SiC is minimal and the Fe©SiC catalyst achieves a very significant

conversion itself.
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7.5 Conclusions

Two organometallic graft synthesis methods were used to synthesize a Fe©SiO2 catalyst.
It was found that the grafting method using Fe(oCp)2 gives similar reaction performance
results to the original ball-milling derived Fe©SiO2 catalyst. The Fe(II)Pht based grafting
method results in both higher methane conversion as well as significantly higher coke
selectivity, most likely due to formation of Fe nano particles. Fe(oCp)2 grafting is shown to
be a viable alternative to the standard ball-milling synthesis and is proposed as a method
for synthesizing a Fe©SiO2 catalytic system with a large degree of shape and size control.
Ru/SiO2 catalyst was synthesized via a ball-milling as well as via a sol-gel method. The sol-
gel method was effective in thermally stabilizing the Ru-sites, whereas the ball-mill
method lead to complete sublimation of the added ruthenium. Reaction performance tests
showed lower activity of the Ru/SiOz catalyst for methane conversion, while hydrocarbon
selectivity remained unchanged, in a system with minimal free-volume contribution. It is
thus concluded that the synthesized Ru/SiOz2 catalyst was less active than the bench-mark
Fe©SiO2 catalyst. Analysis of a patent filed by X. Bao showed that the transition metal
used in a M©SiOz2 catalyst has only very limited effect on performance. Support choice was
found to be much more important for determining performance, with SiC supposedly
being the best option.
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7.7 Supporting information

Figure S 7.1: STEM-HAADF image of the Fe©SiOz catalyst after reaction; adopted from
[1], reprinted with permission from AAAS.
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8.1 Conclusions

Chapter 1 of this thesis discussed the challenges for 215t century, namely climate change
and a shift in hydrocarbon resource demand from mainly fuels to base chemicals. It was
argued that natural gas is a prime candidate to take over the role of crude oil as source for
olefins and aromatics. Various industrial processes for converting natural gas to higher
hydrocarbons were discussed, such as Fischer-Tropsch, methanol-to-gasoline and
methanol-to-olefins. These processes all require numerous conversion steps at different
conditions, starting from methane steam reforming, making them both costly and viable
only at large installed capacity. This leads to a discrepancy concerning the exploitation of
smaller gas-fields as well as the natural gas co-produced at smaller oilfields. It was shown
that most of this co-produced natural gas is currently either flared or vented, leading to
significant unnecessary green-house emissions. Direct conversion of methane to olefins
and aromatics is potentially viable at lower installed capacities, and could thus valorise
these otherwise wasted natural gas sources. The Fe©SiO2 catalyst is proposed as the most

high-potential candidate for this role.

Chapter 2 demonstrated the importance of temperature profile surrounding the catalyst
bed on the overall reaction performance. Residence time at 1000°C downstream of the
catalyst was found to significantly enhance the methane conversion, through methane
auto-catalysis. This phenomenon was theoretically analysed in the model presented in
chapter 5. There was, furthermore, a strong relation between the quantity of catalyst in
the system and coke selectivity, showing that coke formation on the catalyst surface is the
major route for coking. Residence time at 1000°C upstream of the catalyst bed was also
found to increase overall coke-on-catalyst yield, attributed to the gas-phase activation of
methane prior to the catalyst bed. Product selectivity is determined mainly by gas-phase
reactions, although quenching the product mixture directly downstream of the catalyst can

cause a significantly higher yield of C2 hydrocarbons.

The significant increase in methane conversion upon addition of ethane or ethylene (C2)
was shown in chapter 3. The effect of C2 addition was demonstrated to be a purely gas-
phase phenomenon. Crucially the product distribution, including coke and deposit
selectivity, was found to be independent of the method of methane activation. There was
no difference between the effect of ethane or ethylene addition at short residence times,
but ethylene proved to be more potent in methane activation at longer residence times.
These three results were again all theoretically elaborated in model presented in chapter
5. The trends in coke-on-catalyst selectivity as well as deposit selectivity observed in
chapter 3 matched with those previously shown in chapter 2, i.e., an increased quantity

of catalyst leads to an increased coke-on-catalyst yield, whereas deposit formation can be
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significantly reduced by maximizing gas-phase methane conversion. Free radical initiation
via C2 addition is highly effective, presence of catalyst does not increase methane
conversion at inlet C2 concentration greater than 2 vol%. Due to the invariance in product
selectivity as well as the coking-tendency of the catalyst, it is thus proposed to operate the
methane coupling reaction using an excess of 2% C2 addition in the feed, without any

heterogeneous catalyst.

The effect of hydrogen addition on the direct methane coupling reaction was studied in
chapter 4. Hydrogen addition significantly reduces all reaction rates leading primarily to
a significant decrease in methane conversion. The influence of hydrogen addition of
product selectivity is proven to be minimal, with methane conversion level being the
determining factor for the selectivity distribution, similar to the conclusions for SV change
in chapter 2 and C2 addition in chapter 3. Coke selectivity is highly dependent on the
quantity of hydrogen dosed into the reactor. Addition of 10% H- leads to an order of
magnitude reduction in coke formation on the catalyst, which considering the reduction
in methane conversion results in a fivefold reduction in coke selectivity. The chapter shows
that dosed H2 addition can be used as a versatile tool to prevent excessive reactor coking.

The catalytic system is kinetically modelled in chapter 5, to gain a theoretical
understanding of the autocatalysis and C: initiation phenomena experimentally presented
in the previous chapters. Micro-kinetic surface reactions were added to an existing gas-
phase model. The results from the model can accurately describe the experimental results
with respect to methane conversion and product selectivity. Reaction-path analysis shows
the importance of the methane autocatalytic cycle in propagating conversion in the post-
catalytic gas-phase as shown experimentally in chapter 2. Reaction path analysis showed
both the reaction path for the methane auto-catalysis in the post-catalytic volume
presented in chapter 2 as well as the methods that ethane and ethylene activate methane
as shown in chapter 3. The underlying reaction path relies on the generation of excess H-
radicals which attack methane molecules to form methyl radicals as well as di-hydrogen.
The excess H- radicals are generated through carbon-carbon coupling reactions from C»
compounds to higher hydrocarbons. The model predicts that maximum acceleration in
methane conversion rate is reached at 4% methane conversion, which considering the
importance of C2 species in the auto-catalytic cycle, matches perfectly with the observed
decrease in effectiveness for methane activation at higher than 2% ethane or ethylene
addition discussed in chapter 3. It is thus concluded that the selectivity towards C2
hydrocarbons is limited at high methane conversion. The only method to achieve high C»
yields is by having an extremely active catalyst as sole method for methane activation, after

which the product mixture needs to be directly quenched. However, the gas phase free-
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radical propagation reactions are very fast at 1000°C, making high C: yields impossible

due to formation of higher hydrocarbons.

Chapter 6 presents a detailed process design for industrial application of the NOCM
reaction. The process is designed with benzene as main product. Process analysis showed
that a minimum reactor pressure of 5 bar is required. The energy requirement for the
reactor is high, due to the high reaction temperature (>950°C), high reaction
endothermicity and inefficiency of low pressure gas-gas heat exchange between the
reactant and product streams. Natural gas is the economically sensible option to
accommodate the required heating, although chapter 6 proposes to use the large
amounts of produced naphthalene for this purpose, because of its low price and market
size. Both options will, however, lead to excessive CO2 formation. Electric heating as
discussed in chapter 1 is a potential option, but still deemed too expensive for the
moment. Aromatics will firstly need to be removed to prevent fouling in the hydrogen
separation step. Aromatics will be removed via absorption by sulfolane, after which
distillation recovers both sulfolane and purifies the aromatic species. Hydrogen is
subsequently removed from the product stream using polymeric membranes. Ethylene
recovery is too costly, due to the required cryogenic distillation and will be recycled.
Although the ethylene recycle limits the profitability, it in fact helps reactor productivity
as shown in chapter 3 and theoretically demonstrated in chapter 5. The significant
naphthalene selectivity limits the profitability of the process, due to its low price and
limited market size. It is proposed to hydrocrack naphthalene with co-produced hydrogen

to increase the yield of mono-aromatic species.

Chapter 7 describes alternative catalyst synthesis methods. Firstly, graft-synthesis
methods using Fe organometallic compounds are evaluated as an alternative for the
difficult to control synthesis method based on ball-milling and melt-fusion, used for the
original Fe©SiO2 catalyst. Fe(II) Phthalocyanine as precursor lead to the probable
formation of Fe nanoparticles, resulting in both higher methane conversion as well as
significantly higher carbonaceous deposit formation. The catalyst based on the grafting of
bis(2,4-dimethyl-1,3-pentadienide)Fe(I1I), however, showed a performance highly
comparable to that of the original Fe©SiO2 catalyst. This graft-method is thus proposed
as a viable alternative synthesis method, allowing for a high versatility in catalyst
synthesis, with respect to shape and size. A second part of this research focused on the
synthesis of a Ru©SiO2 catalyst, following a ball-mill synthesis comparable to the original
Fe©SiO2 synthesis, as well as a novel sol-gel method. The sol-gel method yielded a
thermally stable Ru/SiO2 catalyst, whereas the ball-milled synthesis lead to sublimation of
all ruthenium during fusion. The Ru/SiO2 catalyst proved to have a lower activity in

methane conversion compared to the original Fe/SiO2 catalyst. The lower activity can be
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attributed to either a sub-optimal synthesis method, potentially resulting in a non-
atomically disperse catalyst, or Ru is less active in high temperature methane activation.
Further testing and characterization will be required to prove or disprove either

conjecture.
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8.2 Outlook

The most significant difference between academically researched conditions and
industrially relevant conditions is the reactor pressure as discussed in chapter 6. It
unfortunately proved impossible to measure at elevated pressures in the experiments
performed for this thesis due to safety constraints. It is surprising that pressure was not
studied as a variable in the extensive parametric studies concerning methane pyrolysis
performed in the 80s and 90s, except for measurements at lower partial pressure of
methane. Kosinov et al. [1] showed both a significantly higher methane conversion rate
and a lower coke selectivity on increasing the pressure in the MDA reaction. It is possible
that these benefits will also translate to the high temperature NOCM reaction, although
maximum methane conversion will be reduced at higher pressures as discussed in
chapter 6. It would be interesting to study the effect of reactor pressure up to 15 bar on
fully catalytic system, i.e. the reactor-zone filled with catalyst, as well as the system with
extended residence time downstream of the catalyst, i.e. using the post-heater. The best
performance from chapters 3 and 4 should also be evaluated at various increased

pressures.

Although a large effort was made in this thesis to manipulate the temperature profile via
the oven design, all measurements were performed in single diameter quartz tube.
Research presented in chapter 2 showed that both the heating rate before the catalyst
bed, as well as the post-catalytic quench can significantly influence the coke selectivity and
product distribution. A custom design reactor will offer more control in maximizing
reaction performance. Chapter 2 showed that rapid heating of the reactant gas upstream
of the catalyst bed can significantly reduce coke formation on the catalyst, it is thus
proposed to use a thin capillary to feed the reactant gas to the catalyst. Deposit formation
on the reactor wall downstream of the catalyst bed proved to be a major source of yield
loss. Increasing the reactor diameter downstream of the catalyst bed will likely reduce the
deposit formation on the reactor wall, due to the increased volume to surface ratio. A

schematic of the proposed reactor design can be seen in Figure 8.1.
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Figure 8.1: Proposed optimal reactor layout for best lab-scale fixed bed performance.

Reactor material choice influences both activity and deposit selectivity in non-oxidative
coupling of methane [2, 3]. A more inert reactor material is preferential for minimizing
deposit formation. Quartz is one of the more inert materials concerning methane
activation [2]. Han et al. [4] showed that the B-cristobalite phase of silica is significantly
more coking-resistant than a-quartz when used as catalyst support material. It is
postulated that B-cristobalite as reactor material will likely yield the same effect. It should
be possible to obtain a silica reactor in the B-cristobalite phase by exposing a quartz reactor
tube for an extended time, i.e. 24h+, to a temperature between 1500-1600°C, followed by
a rapid decrease in temperature. Cooling rates used for catalyst synthesis show that
2°C-min-! should be adequate. A reactor made of SiC could also be an interesting option,
as the patent by Bao [5] claims that it is both active in methane activation as well as coking
resistant. Although Guéret et al. [6] showed that SiC does cause excessive carbon
formation, the reason for this difference is unknown, but it could be explained, among
other reasons, by aspects such as a different crystal phase, analogues to the difference
between B-cristobalite and a-quartz and impurities in the SiC, particle size. Wang et al. [3]

showed that ZrO: is also a highly interesting reactor material for NOCM, because of its
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high resistance to oxidative deposit removal, compared to SiC or Al2Os, which tend to

suffer from oxidative degradation.

All research into non-oxidative coupling of methane thus far has been carried out in either
flow-through, shock-tube, or recently, pulls-compression reactors [7]. It would be highly
interesting to evaluate the NOCM reaction in reactors such as a fluidized bed reactor or a
vortex reactor [8]. A fluidized bed reactor has shown benefit in oxidative coupling of
methane [9], which in essence is comparable to NOCM. Benefits could include a better
distribution of heat, more control over the catalyst-free volume ratio, recycling and
removal of coked catalysts (as discussed in chapter 6) and a potential different
temperature between catalyst and gas phase, by preheating the catalyst before it enters the
reactor. A vortex reactor is a system similar to a cyclone gas-solid separator, the reactant
flow keeps the catalyst particles in a circular suspended motion without letting them flow
away with the product mixture. It hence has comparable benefits to a fluidized bed reactor,
but at a reduced volume and a larger control over catalyst contact time and post-catalytic
residence time. The vortex reactor can theoretically bring a significant improvement to the
OCM reaction [10] by minimizing species back-mixing while maximizing thermal back-
mixing, which will likely translate well to the NOCM reaction as well for the same reasons

stated above.

The process design presented in chapter 6 shows that the high naphthalene selectivity in
NOCM severely hinders its economic potential. It is proposed, in the same chapter, that
the naphthalene can be converted into mono-aromatics by hydrocracking. Shen et al. [11]
showed that naphthalene can be cracked to olefins and mono-aromatics at 400°C, 40 bar,
using hydrogen and methane as cracking agents, using a Zn/HY catalyst. Reaction
performance was tested in semi-batch process with a continuous feed of H2 and CHa,
complete naphthalene conversion was achieved after 1 h. It would be interesting to
evaluate this catalyst for direct conversion of naphthalene in the same reactor used for the
NOCM reaction in a two-step conversion process as shown in Figure 8.2. It is likely that
an elevated pressure is required for the cracking of naphthalene, making the first
suggestion of this section even more relevant. A separation step should not be necessary
between the methane conversion and naphthalene conversion, because a mixture of 1:4
H2:CH4 was used in the original publication [11] and the products are lower olefins and
mono-aromatics, thus these species are likely stable at reaction conditions. Catalyst
performance should, however, be evaluated in a continuous flow reactor, at lower
residence times and lower pressures. A separate, post-purification naphthalene conversion
step can always be considered if it proves impossible to match the reaction pressure and

residence time between the NOCM reaction and naphthalene cracking.
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Figure 8.2: Simplified scheme for consecutive methane and naphthalene conversion to

achieve high olefin and BTX yields in one reactor.

Chapter 6 furthermore showed the difficulty of the hydrogen purification, both due to
the fouling nature of the aromatic species in the product stream, as well as the large
pressure difference between the low pressure reactor and high pressures required for PSA
or membrane purification of Ha. A potential solution could be proton conducting
membrane (P CM) [12, 13]. BaCeOs based ceramic membranes have high proton
conductivity as well as high operating temperature i.e. 600-1000°C [14]. P CMs are
capable of actively pumping hydrogen from a low-pressure stream to a high pressure
stream. Sakbodin et al. [15] showed that implementing these type of membranes inside
the reactor can increase single pass conversion by removing hydrogen in-situ.
Alternatively, using these membranes in the beginning of the separation train would
significantly reduce the required compression for aromatic purification, due to the
reduction of product stream size as well as the increase in aromatic concentration in this
stream. Furthermore, a high purity hydrogen stream at high pressure is obtained at the
other side of the membrane.

Chapter 5 demonstrated that high olefin yields are difficult to achieve due to the very
high gas phase reaction rates at 1000°C. Olefin selectivity can likely be improved when
generating either a difference in temperature between the catalyst and gas-phase or a
difference in reaction rate between methane activation and the following coupling
reactions. In this light it would be potentially interesting to look at various novel methods
for methane activation, such as plasma based processes [16], in combination with a
tailored temperature profile to maximize ethylene yield. In this concept the plasma would
handle the activation of methane, after which the temperature profile will be solely used
to steer product selectivity. A similar concept was proposed by Moncada et al. [17], who
used a plasma to activate methane and a Pd/Al20s catalyst at temperatures between 25-
200°C to hydrogenate the products to prevent deposit formation. One might think of a
similar concept, where the Fe©SiO2 catalyst is coated on plasmonic particles [18], which
could allow for specific heating of the catalyst, while maintaining a much cooler gas-phase

temperature in the reactor. This could lead to near 100% ethylene selectivity if the direct
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formation of ethylene on the Fe©SiOz2 catalyst as proposed by Toraman et al. [19] is indeed
the dominant reaction. Although even if the methyl radical production over the catalyst as
proposed by Guo et al [20] and Kim et al. [21] is dominant it will still lead to much higher
olefin and lower aromatic yields if the temperature difference between the catalyst and gas
phase is significant. It is, however, possible that the hot-catalyst will be a nucleation point

for coke deposition and reaction parameters should be tuned to prevent this.
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Summary

This thesis presents a detailed investigation into the reaction performance characteristics
of non-oxidative coupling of methane using the Fe@©SiO2 catalyst. Natural gas, consisting
for 75-99 vol% of methane (CHa4), is seen as a high potential substitute for crude oil in the
synthesis of light olefins (ethylene and propylene) and aromatics (benzene, toluene and
xylene). Current industrial processes converting natural gas to olefins and aromatics
consist of multiple conversion steps starting with methane steam reforming to obtain
syngas. For this reason, these processes tend to be energy intensive and require large

installed capacity to become economically viable.

Direct conversion of methane to higher hydrocarbons has been investigated for decades as
a potential competitive alternative to the indirect routes. The challenges for the direct
routes stem from the high chemical stability of methane compared to the intended
products (i.e. light olefins and aromatics) and the high endothermicity of the coupling
reactions, requiring high reaction temperatures (>800°C) and the undesired formation of
carbonaceous deposits, leading to yield loss and system fouling. There are two main
methods for tackling this challenge, i.e. oxidative coupling of methane, making the
reaction exothermic and significantly lowering the required reaction temperature, and
methane dehydroaromatization, which uses a shape selective zeolite catalyst to prevent
deposit formation and steer the reaction towards aromatics. Although these two reactions
do show high potential, they still operate at too low conversion and yield to become
economically interesting. More details concerning these underlying motivations and

background to this thesis are given in chapter 1.

A recent publication by Guo et al.! proposes a high temperature system based around an
atomically disperse iron on silica (denoted Fe©SiO2) catalyst, which is capable of
converting methane at high conversion levels to a mixture of olefins and aromatic, without
deposit formation, at temperature in excess of 950°C. It is proposed that the catalyst
activates methane to methyl radicals, which in turn undergo free radical coupling reactions

in the gas-phase to obtain the final products. The system is still poorly understood, both

1Guo, X., G. Fang, G. Li, H. Ma, H. Fan, L. Yu, C. Ma, X. Wu, D. Deng, M. Wei, D. Tan, R.
Si, S. Zhang, J. Li, L. Sun, Z. Tang, X. Pan, and X. Bao, Direct, Nonoxidative Conversion
of Methane to Ethylene, Aromatics, and Hydrogen. Science, 2014. 344(6184): p. 616-
619.
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due to the novelty of the system as well as the highly complex gas-phase chemistry that

dictates the system performance.

This thesis aims to further the understanding of the catalytic system involving Fe©SiO2
and to uncover the main parameters which govern the performance of the system. It will
furthermore look at the potential challenges for industrial application of the system and
propose new and versatile methods for synthesizing the Fe©SiO2 catalyst. The interaction
between the catalytic reaction and the gas-phase chemistry is poorly understood, leading
to a reproducibility issue with regards to the performance achieved in the original
publication by Guol. A custom 3-zone oven, thermally insulated between each zone, was
especially designed to achieve a high level of control over the temperature profile inside as
well as up- and downstream of the catalyst bed. Chapter 2 of this thesis deals with the
effect of this temperature profile. The position and amount of catalyst where systematically
varied, as well as the space velocity and the temperature upstream and downstream of the
catalyst bed. The results show that residence time at reaction temperature (1000°C)
downstream of the catalyst bed can significantly increase conversion, without negatively
impacting the total hydrocarbon yield. In contrast, residence time at 1000°C upstream of
the catalyst causes a significant increase in deposit formation on the catalyst. In addition,
achieving higher conversion purely via the catalyst is found to reduce the total
hydrocarbon product selectivity, when compared to achieving the same conversion
increase by using the post-catalytic volume. It is concluded that that the catalyst is required
solely for free-radical initiation, after which the reaction propagates at high activity in the
gas phase. Any contact of the catalyst with the activated gas-phase leads to deposit

formation.

Ethane is the primary product of the methane coupling reaction with ethylene as
secondary product, as shown in the results of chapter 2 as well as literature. The
commonly accepted mechanism for methane activation in the gas-phase concerns an auto-
catalytic cycle involving both ethane and ethylene. The addition of these two C2
hydrocarbons is tested, chapter 3 shows that ethane and ethylene are highly potent free-
radical initiators which significantly enhance methane conversion rate. There is no
discernible difference between the effect of ethane or ethylene. Furthermore, C> addition
does not negatively impact the product selectivity distribution or carbon deposit
formation. It is concluded that the C2 hydrocarbons are solely involved in accelerating the
auto-catalytic cycle, analogues to the catalyst (chapter 2), after which gas-phase
chemistry fully determines the product distribution.

Reproduction of the absence of deposit formation during methane coupling over the
Fe©SiOz2 catalyst proved impossible, as also shown by other publications concerning this

system. It is proposed that the addition of hydrogen can largely prevent the formation of
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deposits on the catalyst. Many of the reactions involved in non-oxidative coupling of
methane produce hydrogen. Furthermore, the high temperature nature of the reaction
studied in this thesis causes most reactions to be reversible, this means that many coupling
reactions will be slowed down by hydrogen addition. Chapter 4 shows that up to 10% Ha>
addition can indeed decrease the formation of carbonaceous deposits on the catalyst by an
order of magnitude. The methane conversion is simultaneously decreased by a factor of
two, while the hydrocarbon product distribution is shown to be mainly determined by the

methane conversion level, independent of hydrogen addition.

The system is modelled using a microkinetic gas-phase model in combination with the
catalytic cycle as published in the first publication! concerning the Fe©SiO2 catalyst. The
results of this model give more quantitative insight into the interaction between the
catalyst and the gas-phase and are discussed in chapter 5. It is shown that the formation
of methyl radicals on the catalyst, followed by gas-phase coupling can accurately predict
the performance of the system. Pure gas-phase methane conversion goes through a
induction period before the auto-catalytic cycle is fast enough to ensure a high gas-phase
methane conversion rate. The catalyst should mainly be used to overcome the induction
period, thus significantly reducing the residence time required to achieve decent levels of
conversion, as experimentally shown in chapter 2. The addition of C> hydrocarbons, as
discussed in chapter 3 is also modelled. The model demonstrates that the addition of C2
can indeed also overcome the induction period, to directly achieve high methane
conversion rates. Lastly the model demonstrates that gas-phase chemistry is the sole
determinant of the product distribution, both radical and molecule concentration quickly

achieve the gas-phase levels downstream of the catalyst.

The high temperatures and low pressures used in the methane coupling reaction with the
Fe©SiO2 catalyst pose significant challenges for industrial implementation. Chapter 6 in
this thesis presents a design concerning industrial implementation of this reaction
assuming the performance recorded in the work of Guol. The scope of the design focusses
on maximizing the potential profit of the reaction. It is calculated that recovery of ethylene
is economically unattractive, due to the low ethylene concentration in the product stream
and the cryogenic methods required. The process thus results in a methane to aromatics
process, with naphthalene as major product on carbon basis. Although the process shows
economic potential as it is, it is advised to upgrade the naphthalene to value added
products through a cracking reaction. The minimum pressure in the reactor is calculated
to be 5 bars and both the reactor as well as the heat-exchanger over the reactor are
determined to be the most significant investment costs. Lastly, hydrogen recovery is costly,
due to the low temperatures and high pressures required, clashing with the requirements

for the reactor, novel types of hydrogen recovery systems can significantly decrease costs.
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The synthesis of the Fe©SiO: catalyst is intensive difficult to control, due to the required
16h in a ball-mill as well as a fusion at 1700°C for 6h. Chapter 7 proposes an alternative
synthesis method via grafting the atomically disperse iron sites on the silica surface using
a metal organic complex. bis(2,4-dimethyl-1,3-pentadienide)Fe(1I) is determined to be a
suitable candidate for this graft reaction, with performance matching that of the synthesis
method!. It is proposed that the grafting method can be used to give a better control over
site density and position as well as catalyst shape (i.e. monolithic structures), to optimize
mass and heat transport as well as catalyst/free-volume ratio. An alternative Ru/SiO2
catalyst is proposed to increase the productivity of the catalyst, although this catalyst
unfortunately performed worse than the Fe©SiO2 catalyst.

One of the main omittances in research into the Fe©SiO2 catalytic system concerns the
performance at higher pressures, 5 bars and above as discussed before. It is thus proposed
in chapter 8 to measure the performance of the system at elevated pressured. Another
proposed improvement is the tuning of the reactor shape to maximize both conversion and
yield, the proposed design involves a capillary tube to feed the catalyst bed, ensuring rapid
heating, while extending the diameter downstream of the catalyst to maximize residence
time, as discussed in chapter 2. More catalyst formulations can tested, following a patent
an Fe©SiC catalyst should significantly increase the activity. It is proposed that direct
naphthalene upgrading in a dual-purpose reactor can be possible, using the unreacted
methane and the produced hydrogen as cracking agents. Lastly a proton conductive
membrane is suggested as active hydrogen pump in a potential process, alleviating the
need for low temperatures, high pressures and low aromatics concentration for hydrogen

recovery.
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Dit proefschrift bevat een gedetailleerd onderzoek naar de reactieckenmerken betreffende
non-oxidatieve koppeling van methaan met behulp van een Fe©SiO2 katalysator. Aardgas,
bestaat voor 75-99 vol% uit methaan (CH4) en wordt gezien als een potentieel alternatief
voor ruwe olie bij de synthese van olefinen e.g. ethyleen en propyleen en aromaten
benzeen, tolueen en xyleen). Huidige industri€le processen voor het omzetten van aardgas
in olefinen en aromaten, werken op basis van meerdere omzettingsstappen, beginnende
met stoomreforming van methaan om synthesegas te verkrijgen. Deze processen zijn erg
energie-intensief en vereisen ze een grote geinstalleerde capaciteit om economisch

rendabel te zijn.

Directe omzetting van methaan naar hogere koolwaterstoffen wordt al tientallen jaren
onderzocht als een potentieel concurrerend alternatief voor deze indirecte routes. De
uitdagingen voor een directe syntheseroute komt voort uit de hoge chemische stabiliteit
van methaan in vergelijking met de beoogde producten (d.w.z. lichte olefinen en
aromaten) en de zeer endotherme enthalpieverandering van de koppelingsreacties,
leidend tot een zeer hoge benodigde reactietemperaturen (>800°C) en gerelateerde
ongewenste vorming van koolstof afzettingen (cokes), wat leidt tot opbrengstverlies en
systeemvervuiling. De twee belangrijkste routes voor directe synthese zijn oxidatieve
koppeling van methaan, waardoor de reactie exotherm wordt en de vereiste
reactietemperatuur aanzienlijk wordt verlaagd of methaan-dehydro-aromatisering,
waarbij een configuratie selectieve zeolietkatalysator wordt gebruikt om de vorming van
koolstofafzettingen te voorkomen en de reactieselectiviteit richting aromaten te sturen.
Hoewel deze twee reacties veelbelovend zijn, worden er tot nu toe nog steeds te lage
conversie en opbrengst behaald om deze reacties economisch interessant te maken. Meer
details over de onderliggende motivaties en achtergrond van dit proefschrift kunnen in

hoofdstuk 1 gevonden worden.

Een recente publicatie door Guo et al.! beschrijft een hoge temperatuur reactiesysteem
gebruikmakende van een atomair gedispergeerde ijzer-op-silica katalysator (aangeduid als
Fe©SiO2), dat in staat is om methaan op temperaturen hoger dan 950°C met hoog
conversieniveau om te zetten in een mengsel van olefinen en aromaten, zonder vorming

van koolstofafzettingen. De publicatie postuleert dat de katalysator methaan activeert tot

1 Guo, X., G. Fang, G. Li, H. Ma, H. Fan, L. Yu, C. Ma, X. Wu, D. Deng, M. Wei, D. Tan, R.
Si, S. Zhang, J. Li, L. Sun, Z. Tang, X. Pan, and X. Bao, Direct, Nonoxidative Conversion
of Methane to Ethylene, Aromatics, and Hydrogen. Science, 2014. 344(6184): p. 616-
619.
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methylradicalen, die op hun beurt in de gasfase vrije-radicaal-koppelingsreacties
ondergaan om de eindproducten te vormen. Over dit katalyse proces was nog weinig
bekend door zijn noviteit, alsmede door de zeer complexe gasfase chemie die de werking
van het proces bepaalt.

Dit proefschrift heeft als doel het begrip van het Fe©SiO: katalytische proces te
vergroten en de belangrijkste parameters te bepalen over werking van het proces. Ook zal
er aandacht worden besteed aan de potenti€le uitdagingen voor de industri€le toepassing
van het proces en worden er nieuwe methoden voorgesteld voor de synthese van de
Fe©SiO2-katalysator.

Over de interactie tussen de katalytische reactie en de chemie in de gasfase was weinig
verklaard in het originele artikel. Dit heeft de reproduceerbaarheid van de resultaten zoals
geclaimd! ernstig bemoeilijkt. Een op maat gemaakte oven bestaande uit drie thermisch
geisoleerd zones, is ontworpen om een hoge mate van controle te verkrijgen over het
temperatuurprofiel zowel binnenin als voor en na het katalysator-bed. Het effect van dit
temperatuurprofiel wordt in hoofdstuk 2 van dit proefschrift behandeld. Zowel de
positie, alsmede de hoeveelheid katalysator werden systematisch gevarieerd, evenals de
verblijftijd in het katalysator-bed en de temperatuur voor en na het katalysator-bed. De
resultaten laten zien dat de verblijftijd n& het katalysator-bed op reactietemperatuur
(1000°C) de conversie van methaan aanzienlijk kan verhogen, zonder de totale
koolwaterstofopbrengst negatief te beinvloeden. Daarentegen veroorzaakt de verblijftijd
voor het katalysator-bed bij 1000°C een significante toename in de vorming van
koolstofafzetting. Tevens blijkt het bereiken van een hogere conversie via alleen de
katalysator de totale selectiviteit van koolwaterstof-producten te verminderen in
vergelijking met het bereiken van dezelfde conversietoename door gebruik te maken van
het post-katalytisch volume. Er wordt geconcludeerd dat de katalysator slechts nodig is
voor de initiatie van de vrije radicaalreactie, waarna de reactie zichzelf met hoge activiteit
in de gasfase voortzet. Elk contact van de katalysator met de geactiveerde gasfase leidt tot

vorming van cokes.

De resultaten zoals beschreven in hoofdstuk 2 alsmede relevante literatuur, laten zien
dat ethaan het primaire product is van de methaan-koppeling-reactie met ethyleen als
secundair product. Het mechanisme voor methaan-activering in de gasfase, zoals
algemeen aanvaard, betreft een auto-katalytische cyclus waarbij zowel ethaan als ethyleen
betrokken zijn. De toevoeging van deze twee C2 koolwaterstoffen werd onderzocht en in
hoofdstuk 3 bediscussieerd. De resultaten laten zien dat ethaan en ethyleen zeer
krachtige vrije radicaal-initiatoren zijn, die de omzettingssnelheid van methaan
aanzienlijk verhogen. Er is geen waarneembaar verschil tussen het effect van ethaan en

ethyleen. Tevens heeft Co-toevoeging geen negatieve invloed op de product selectiviteit
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verdeling of op de vorming van cokes. Geconcludeerd wordt dat de Co-koolwaterstoffen
uitsluitend betrokken zijn bij het versnellen van de auto-katalytische cyclus, analoog aan
de rol van de katalysator (hoofdstuk 2), waarna de productverdeling volledig wordt
bepaald door de chemie in de gasfase.

Meerdere vervolg publicaties die gebruik maken van de Fe©SiO2 katalysator laten zien dat
het herhalen van het experiment met een de volledige afwezigheid van koolstofafzetting
zoals geclaimd in het oorspronkelijke artikel tijdens de methaankoppelingsreactie
onmogelijk is. Mogelijk kan het toevoegen van waterstof de vorming van
koolstofafzettingen op de katalysator grotendeels voorkomen. Veel van de reacties met
betrekking tot non-oxidatieve koppeling van methaan vormen waterstof als bijproduct.
Ook zorgt de hoge temperatuur, van de in dit proefschrift bestudeerde reactie, ervoor dat
de meeste reacties reversibel zijn, wat betekent dat veel koppeling-reacties worden
vertraagd door waterstoftoevoeging. In Hoofdstuk 4 wordt aangetoond dat Ho»
toevoeging tot 10% inderdaad de vorming van koolstofafzettingen op de katalysator met
een factor 10 kan verminderen. Tegelijkertijd wordt de methaanomzetting met een factor
twee verlaagd, terwijl de verdeling van het koolwaterstofproduct voornamelijk wordt

bepaald door het methaan-omzettings-niveau, onathankelijk van de waterstoftoevoeging.

Het systeem is gemodelleerd in hoofdstuk 5 met behulp van een micro-kinetisch
gasfasemodel in combinatie met het katalytische proces zoals beschreven de eerste
publicatie door Guo! betreffende de Fe©SiO2-katalysator. De uitkomsten van dit model
geven een kwantitatief inzicht in de interactie tussen de katalysator en de gasfase. Er wordt
aangetoond dat de vorming van methylradicalen op de katalysator, gevolgd door
gasfasekoppeling, nauwkeurig het werkelijke proces kunnen voorspellen. De omzetting
van methaan in alleen de gasfase doorloopt een inductieperiode voordat de auto-
katalytische cyclus snel genoeg loopt en een hoge omzettingssnelheid van methaan in de
gasfase genereert. De katalysator dient voornamelijk als overbrugging van de
inductieperiode, waardoor de verblijftijd voor het bereiken van een behoorlijke
conversieniveaus aanzienlijk wordt verkort, zoals experimenteel ook aangetoond in
hoofdstuk 2. De toevoeging van Co-koolwaterstoffen, zoals besproken in hoofdstuk 3,
is ook gemodelleerd. Het model toont aan dat de toevoeging van C2 inderdaad ook de
inductieperiode kan elimineren, en zodoende direct hoge methaan-omzettingssnelheid
geeft. Ten slotte toont het model aan dat de chemie in de gasfase de enige factor is die
productverdeling bepaalt, omdat zowel de radicaal- en de molecuulconcentraties snel het

gasfaseniveau bereiken na het katalysator-bed.

De hoge temperatuur en lage druk die worden gebruikt in de methaan-koppeling-reactie
met de Fe©SiO»-katalysator vormen een aanzienlijke uitdagingen voor industriéle

toepassing. Hoofdstuk 6 van dit proefschrift presenteert een procesontwerp voor
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industriéle toepassing van deze reactie, uitgaande van de gegevens in dit proefschrift. Het
doel van het procesontwerp is het maximaliseren van potentiéle winst. Er wordt berekend
dat het afscheiden van ethyleen economisch onaantrekkelijk is, vanwege de lage partiéle
druk van ethyleen in de productstroom. Het proces resulteert hierdoor in een methaan tot
aromaten proces, met naftaleen als grootste productfractie op koolstofbasis. Hoewel het
proces wel economisch potentieel heeft, wordt geadviseerd om het naftaleen op te
waarderen tot producten met toegevoegde waarde door middel van kraken van het
naftaleen. De minimale druk in de reactor moet 5 bar zijn en zowel de reactor als de
warmtewisselaar over de reactor worden als de belangrijkste investeringskosten
aangetoond. Ten slotte is waterstofterugwinning duur, vanwege de vereiste lage
temperaturen en hoge druk, en is in contrast met de voorwaarden van de reactor. Nieuwe
waterstof-terugwinning-systemen zouden de kosten van het proces aanzienlijk kunnen

verlagen.

De synthese van de Fe©SiOz-katalysator is intensief en moeilijk door de vereiste lange
duur (16 uur in een kogelmolen en een fusie op 1700 ° C gedurende 6 uur). Hoofdstuk 7
stelt een alternatieve synthese-methode voor, waarbij het atomair verspreide ijzer op het
silicaoppervlak geént wordt met behulp van een metaal-organisch complex.
Bis(2,4-dimethyl-1,3-pentadienide)Fe(II) wordt aangegeven als een geschikte kandidaat
voor deze ent-reactie, waarbij de uitkomsten van de reactietest overeen komen met die van
de oorspronkelijke synthese-methodel. Er wordt voorgesteld dat deze ent-methode
gebruikt kan worden om een hogere mate van controle te geven over de dichtheid en
positie van de ijzeratomen, evenals over de fysieke vorm van de katalysator (b.v.
monolithische structuren), om het massa- en warmtetransport en de ratio tussen
katalysator en vrij-volume te optimaliseren. Er wordt een alternatieve
Ru/SiOq-katalysator voorgesteld om de productiviteit van de katalysator te verhogen,
hoewel deze ruthenium katalysator helaas slechter presteerde dan de Fe©SiO2-
katalysator.

Een van de belangrijkste tekortkomingen in onderzoek naar het Fe©SiO2 katalytische
proces betreft de prestatie bij hogere drukken, (5 bar en hoger) zoals eerder besproken,
daarom wordt in hoofdstuk 8 voorgesteld om de prestatie van het systeem op hogere
drukken te meten. Een andere voorgestelde verbetering is de afstemming van de vorm van
de reactorbuis om zowel de conversie als de koolstofopbrengst te maximaliseren. Het
voorgestelde ontwerp omvat een capillaire buis voor de toevoer van het gas richting het
katalysator-bed, waardoor snelle verwarming wordt gegarandeerd, terwijl de diameter na
de katalysator wordt vergroot om de verblijftijd na het katalysator-bed te maximaliseren,
zoals besproken in hoofdstuk 2. Er kunnen meer katalysatorformuleringen worden

getest, volgens een patent zou een Fe©SiC-katalysator de activiteit aanzienlijk kunnen
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verhogen. Er wordt voorgesteld dat in situ opwaardering van naftaleen in dezelfde reactor
als voor de methaan opzetting mogelijk zou kunnen, waarbij het niet-gereageerde methaan
met het geproduceerde waterstof als kraakmengsel wordt gebruikt. Ten slotte wordt een
proton-geleidend membraan voorgesteld als actieve waterstofpomp in een potentieel
proces, waardoor de behoefte aan lage temperaturen, hogedrukken en lage

aromatenconcentraties voor waterstofterugwinning wordt vermeden.
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